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- AR RTABMEY L

HUMAN INSULIN: PRODUCTION BY RECOMBINANT DNA TECHNIQUES.
With the purpose of scaling-up the technology for the production of human insulin in
Escherichia coli, a fermentative process for the growth of the recombinant strains and also
methods for the purification of the A and B insulin chains were developed. Fermentation
conditions were developed to achieve simultaneously a high biomass concentration and high-
level expression of a hybrid cl-human insulin B peptide gene. In the 10 liter scale, in batch
cultures with the E. coli W3110 frp’ strain transformed with the pNF21B plasmid, a final
biomass concentration of 12 g/l dry weight can be obtained, and 0.53 g/1 of cI-B chain hybrid
protein is produced. Plasmid loss was detected, as only 62% of the cells retained the
recombinant plasmid. In fed-batch cultures, where the specific growth rate was limited, it was
possible to increase the final biomass concentration to 20 g/l, plasmid -bearing cells in the
population to 90% and recombinant hybrid protein to 1.21 g/l. For the purification of the A
and B human insulin chains, methods based on liquid chromatography were developed. The
human insulin A chain was purified using ion exchange chromatography. With this method it
is possible to obtain 0.5 g of A chain per liter, per hour. For the purification of the B chain
a method based on high pressure liquid chromatography (HPI.C) was developed. With this

method it is possible to purify 26.4 g of protein with a 95% recovery.

Vo.Bo. Dr. Francisco

Director de({Tesis
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NOTA ACLARATORIA:

Los resultados obtenidos durante ¢l desarrollo de esta tesis fucron inteprados cn tres
articulos. Es necesario resaltar la pacticipacion de fas personas que contribuycron a cslos
trabajos, sus nombres aparccen en Jas publicaciones respectivas, Estas sc anexan en Ia seccién

de Resumen de Resultados vy Publicaciones
y

Publicacionces;
Articulo 1:
-Recombinant protein production in cultures of an Escherichia coli p strain.

G. Gosset, R, de Anda, N. Cruz, A. Martinez, R. Quintero y I Bolivar. Aceptado pira

publicacién cn Applied Microbiology and Biotechnology. 1993,

Articulo 2:
-Preparative isolation by high performance liquid chromatography of human insulin B
chain produccd in Escherichia coli. N. Cruz, S. Antonio, R. de Anda, G, Gossct y I,

Bolivar. 1990. Journal of Liquid Chromatography, 13:1517-1528,

Articulo 3:
-Preparative  isolation of recombinant human insulin A chain by ion cxchange
chromatography. N. Cruz, M. Lépez, G. Estrada, X. Alvarado, R. de Anda, P, Balbis,
G. Gosset y F. Bolivar, 1992. Journal of Liquid Chromatography, 15:2311-2324,



INTRODUCCION Y ANTECEDENTES
Diabetes ¢ insulina.

La diabetes mellitus es una enfermedad crénica caracterizada por la incapacidad del

individuo para mctabolizar plucosa de una mancra normal, debido a la deficiencia absoluti
o relativa de la hormona insulina. La diabeles insulino dependiente tiene un  origen
principalmente geadtico, aunque también puede iniciarse debido a ciertas infecciones virales
que desencadenan una respuesta autoinnume a la células § del pdncrcas (Anderson, 1983).
La diabetes no insulino dependiente se inicia debido a factores ambicntales, aunque debe
existic también una predisposicion gendlica. La vejez, Ta multiparidad en mujeres y Lactores
como la obesidad y una dieta deficiente en fibras vegetales, han sido relactonados con la
aparicién de la diabetes no insulino dependiente (Keen y Jarret, 1976),

Ll 10% de los pacientes diabéticos padecen la diabetes mellitus insulino dependiente o

tipo 1. Esta enfecrmedad pucde ser controlada por medio de dietas especiales, hipoglucemiantes
oralcs y en algunos casos, mediante Ia aplicacién de insulina,

La hormona insulina fue aislada por primera vez cn cl aiio 1921 por Banting y Best
(Goberna, 1978) y al afio siguicntc comenzd a utilizarse clinicamente. Hasta hace poco ticmpo,
la insulina s¢ obienia Unicamente de pdncreas provenicntes de ganado bovino y porcino.

La sintcsis natural de la insulina comicnza con fa traduccion de su RNA mensajero
especifico cn un polipéptido precursor de 110 aminodcidos Hamado preproinsulina. Los
primcros 24 aminodcidos de cste péptido corresponden a la sccuencia de aminodcidos quc
llevan la scial que promucve el transporte del polipéptide hacia cl reticulo endopldsmico de
las células B. Esta sccuencia de aminodcidos c¢s removida, generdndose la proinsulina,
Posteriormente, un fragmento interno de 35 aminodcidos (aw), Hamado péptido C o conector,
cs también removido, para producir ki insuling madura, Esta se cncucatra constituida por dos
péptidos (cadena A con 21 aa y cadena B con 30 aa) unidos mediante dos puentes disulfuro

(ver Fig. 1).

-Consumo dec insulina en México.
Toda la insulina consumida en M¢Exico es importada por una sola compaiiia productora.
La insulina tmportada provicne de los Estados Unidos, Brasil y Argenting, y s cnviada a

granel y canvasada cn México. Asf cs posible estimar ¢l consumo de insulina en nuesiro pais,



considerando los valores de importacion para este producto. En base a esta informacién, sc
caleuld que para el afio 1989 hubo un consumo cn México de 56 kg, y para ¢l afio 2000 sc

requeritdn cntre 81 y 100 kg de la hormona (de Ia Rosa y Favela, 1989).

-Mdtodos de produccion.

Hasta 1983, toda Ia insuling utilizada para ¢l tratamicento de Ia diabetes cra extraida de
pincreas de origen porcino y bovino. Sin embargo, ¢l uso prolongado de este tipo de insulinas
cn algunos individuos, pucde ocasionar una respuesta inmune, debido principalmente a dos
[actores: la diferencia parcial en la sccuencia de la insulina de origen animal con la humana
(ver Fig. 1) y la presencia de proinsulina cn la preparacién; lo anterior seiiala que la
disponibilidad de insulina humana libre de proinsulina cs muy descable.

Lxisten cuatro posibles rutas para obtener insulina humani: extraceidn o partic de pdncreas
humanos, sintesis quimica total, modificacion cnzimdtica de fa insulina porcina y produccién
por organismos modificados por ingenicrfa pendtica.

Las primeras dos opcioncs presentan scrios problemas de factibilidad debido a Ia
disponibilicad de pincreas humanos, y al alto costo de produccidn por sintesis quimica total.

Como puedce verse en la Fig. 1, la tnica difcrencia entre Ia insulina porcina y la humana
se localiza cn la posicién 30 de la cadena B, La compaiiia Novo Industri ha desarrollado un
método quc permite cambiar ¢l residuo de alanina por ¢l de treonina, De csta manera se
obtienc una molécula idéntica a la insulina humana, Una fimitacidn de csta cstrategia es que
se prevé una baja disponibilidad de materia prima animal en ¢l futuro y finalmenle sicrnpre

se estard ligado al mercado de produccién de ganado porcino.

-Produccion de insulina humana recombinante,

Existen dos rutas para obtencr insulina humana utilizando organismos modificados por
ingenierfa genética, (ver Fig. 2). Una dc cllas consiste en producir las cadenas A y B por
scparado, para lucgo asociarlas in vitro. La otra se basa cn la produccion de proinsulina, para
posteriormente procesarla enzimdticamente en insulina (Goceddel ct al., 1979).

Estas dos rutas son empleadas actualmente c¢n fa produccién comercial de insulina
humana, En 1982, la compaiiia Eli-Lilly inicié la produccion comercial de insulina humana

obteniendo las cadenas A y B por separado en E. coli, aunque actualmente ya la produce ¢



traveés de proinsulina, La compaiifa Novo Industi a su vez, fabrica insulina humana siguicndo

la ruta de sintesis de proinsulina utilizando o la levadura como organismo productor.
Actualmente existen otras 16 compaiifas distribuidas cn todo ¢l mundo, con proyectos

cn diferentes fases de desarrollo, para producir insulina humana utilizando organismos

recombinantes (Copsey y Dclnatte, 1990).
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Figura 1
Comparacién de la secuencia de aminodcidos de la insulina humana, con las insulinas

bovina y porcina. Solo s¢ sciialan las diferencias con respecto a la sccuencia humana.

En el Instituto de Biotecnologia de la UNAM en cl laboratorio del Dr. Francisco Bolivar

Zapata, se han desarrollado cepas de la bacteria Escherichia coli, con la capacidad de sintetizar
proteinas de fusién o hibridas cuyos cxtremos carboxilos terminales corresponden ya sea a la
cadena A o a la cadena B de la insulina humana y recientemente también proinsulina, La
proteina acarrcadora que forma parte de la regidn amino terminal de la proteina hibrida, es un
fragmento del represor ¢l del fago lambda. Como elemento regulador para la expresidn de

cstos genes hibridos se utilizé a la region de regulacidn del operdn de triptofano de E. coli.
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Figura 2. Rutas ecmpleadas para la produccién de insulina humana por medio de téenicas de
DNA recombinante. La opcidn 1 consiste en producir las cadenas A y B por scparado,
purificarlas y asociarlas jn vitro para obtener la insulina. La opcién 2 se basa cn la produccion

de proinsulina, a la cual se le remueve el péptido conector para obtenerse la insuling.
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La transcripcidn a partiv del promotor de esta region reguladora, c¢s reprimida  por
concentraciones intracelulares clevadas de triptofano, ¢ inducida por niveles bajos de este
aminodcido (Flores ct al. 1986, Yansura y Henncr, 1990). Los plismidos que llevan la
informacion para la sintesis de las proteinas hibridas cl-cadena A y cl-cadena B (pNF21A y
pNE21B) son derivados del pBR322 y fucron introducidos cn diferentes cepas de Ia bacteria

E. coli, para determinar cn cual de cllas se lograba el nivel mds alto de cxpresion, De este

con cl plismido pNIF21A o pNI21B (Balbds ct al., 1988).

Utilizando cstas cepas recombinantes, s ha desarrollado una tecnologfa a nivel laboralorio
quc ha permitido la produccion de Jas cadenas A y B de insulina como proleinas de fusion
cn E. coli, asi como su rccuperacién, purificacién preparativa y su asociacion jn yvilro para
formar insulina humana (Balbds et al., 1988; Cruz ct al., 1990; Cruz ct al.,, 1992),
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PRODUCCION DE PROTEINAS RECOMBINANTES EN E. coli.

La ingenicrfa genélica ¢s un conjunto de metodolopfus que permiten ¢l aislamicnto, la
caracterizacion y lu manipulacién del material genético de los seres vivos, Mediante cstas
téenicas, desde hace ya algunos afos, cs posible aislar genes de un organismo, modificarlos
¢ introducirlos cn otros seres vivos parid su expresion, Los primeros experimentos ¢n donde
sc aislaron y sc introdujeron pgencs de un organismo en otro, fucron reportados cn 1974 por
Boyer y Cohen (Morrow ct al,, 1974). Unos cuantos aiios despuds, cn 1978, ¢l grupo de
Herbert Boyer cn colauboracién con investigadores de City of Hope en Los Angeles E.U.A,,

lograron sintetizar un gene y expresarlo cn la bacteria Escherichia coli. Este gene sintético

codificaba para la hommona somatostatina humana, siendo asi ¢l primer e¢jemplo a nivel
mundial cn donde fue posible demostrar la produccion de hormonas humanas cn bacterias
(Itakura ct al., 1977).

Estos organismos rccombinantes pucden ser ¢l punto de partida para el desarrollo de
procesos industriales, sin embargo, para que csto sea posible, ¢s neeesario ademds aplicar la
ingenierfa bioquimica. Esta pucde scr definida como la actividad que se ocupa del
procesamicnto cconémico de materiales de cardeter u origen biol6gico, con propésitos (tiles
(Aiba ct al., 1973).

Uno de los frutos de la aplicacion conjunta de la ingenicrfa genética y la ingenieria
bioquimica ha sido la produccidn a nivel industrial de nuevas vacunas y proteinas terapéuticas
humanas, como son: la insulina, los interferones, la hormona de crecimicnto, ¢l activador de
plasmindgeno tisular, los factores de coagulacion, cte. La disponibilidad de este tipo de
protcinas y otras que scridn producidas cn cl futuro, ofrecce nucvas posibilidadcs para la
solucién de problemas cn scctores como la Salud y el Agropecuario cutre otros (Ampébil y
Fishlock, 19806).

Para lograr lo anterior, que hoy ya permite la sintesis de muchas protefnas cn diferentes
organismos, fuc nceesario desarrollar un conjunto de herramicntas moleculares sofisticadas,

alpunas de las cuales se mencionan a continuacion.
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-Manipulacion gendlica.

-Elementos genéticos mas utilizados para Ia expresion de genes heterdlogos.

La expresion de un gene heterdlogo requicre de sceuencias repuladoras propias de la
cClula hospedera. Generalmente se desca que Ia expresion del gene recombinante pueda scr
regulada, ya que esto permite controlar ¢l momento en cl cual comicenza la sintesis de la
proteina de interés. De esta manera, se divide fa fermentacidn en dos fases, una de crecimiento
y olra de produccion cn fa cual puede o no continuar ¢l crecimicnto. Esta cstrategia permite
reducir algunos de los problemas asociados a la expresidn de un yene heterélogo, a suber: la
reduccidn en la tasa de crecimicnto del organismo hospedero y un incremento cn la proposcion
de células sin plasmido en cf cultivo,

Es importante sciialar que ¢l promotor que se considere utilizar debe ser cficiente cn
cuanto a favorccer ¢l inicio del proceso de la transcripeién (sintesis de RNA a partic de DNA),
por la enzima involucrada en este proceso, Hamada RNA polimerasa; a esta cficicncia también
sc le Hama "fuerza del promotor" y de esto depende la tasa de sintesis del RNA mensajero.
Oponiéndose al proceso de inicio de la transcripcidn, sc cncucntra cl cfecto de secuencias
reguladoras Hamadas operadores, que son sitios de interaceidn de protefnas reguladoras que al
unirse a cllos impiden el inicio de la transcripeidn por la RNA polimerasa. Seitales metabdlicas
cspecificas de tipo quimico y/o fisico determinan que un represor sc¢ una o no al operador,
reguldndose de esta mancra la expresion genclica. Bl tipo necesario de sefial para favorecer
el inicio de la transcripcion o "inducit" al promotor, ¢l costo y la posibilidad écnica de levar
a cabo lu induccién en una escala grande, son factores relevantes a considerar si se contempla
escalar los procesos de fermentacidn ¢ induccion.

Otro aspecto importante a considerar en la cleccidn de un promotor para la expresion
de genes helerdlogos, cs cf nivel de "transcripeidn de escape”. Cuando el promotor sc
encucnira reprimido debido a fa accién del represor, existe sin embargo una baja actividad

de transcripeion, Hamada transcripeion de escape. Esta cs diferente para cada promotor, y en
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este sentido s recomendable para procesos de produccion, seleccionar aquellos sistemas con
niveles bajos de transcripeion de cscape.

Resumiendo, las caracterfsticas con las que debe contar un promotor adecuado para este
fin de fermentacién son: a) una "alta cficicncia, b) que sea facilmente inducible y ¢) que
posci un bajo nivel de "transcripeién de escape”. Asi, entre los promotores regulables de E.

c y PP, del fago lambda,

El promotor lac-UVS5 ha sido empleado con mucha frecuencia, debido a que ¢s uno de
los mcjor estudiados. Es relativamente débil, pero en cambio pucde ser regulado ficilmente.
Liste promotor cs derivado del promotor silvestre Jag, el cual dirige la expresion del operdn
de gencs cuyos productos estdn involucrados en la asimilacion de luctosa. A diferencia del
promotor silvestre, ¢l promotor Jac-UV5 no requicre de activacion por ¢l complcjo AMP
ciclico-CRP (Mujors, 1975) y siguc siendo repulado negativamente por el represor lac. Por
otro lado, cn prescncia del inductor natural lactosa o de isopropil-B-tiogalactdsicdo (IPTG),
quec cs un inductor gratuito del sistema, se climina la represién, sicndo posible ¢l inicio de
la transcripeidn,

1l promotor up dirige la transcripcion del operén de genes cuyos productos estin
involucrados cn la sfntesis del aminodcido triptofano (Yanofsky ct al., 1981). Su regulacion
depende del represor trp y de otro clemento de regulacion inferna, a nivel del RNA mensajero,
Hamado atenuador (Platt, 1980). Para la expresién de genes heterdlogos, se ha usado la regidn
de regulacion (rp que ticne ¢l atcnuador deletado, debido @ que cn esas construcciones s¢ ha
obscrvado un alto nivel de expresion (Yanofsky, 1981). Para que el represor pucda unirse al
operador, ¢s necesaria la presencia del triptofano que actua como correpresor. Por lo tanto,
para que ocurra induccion de este promotor, ¢l nivel intracelular de triptofano debe scr bajo.
Sin embargo, ya que la célula sintctiza normalmente triptofano, generalmente ey diffcil lograr
una buena induccién solo removiendo el triptofano del medio de cultivo. Bsto puede mejorarse
adicionando al medio un andlogo de triptofano, el dcido-indol-acrilico (AIA), ¢l cual ayuda a
desplazar al triptofano de su sitio cn ¢l represor (Yansura y Henner, 1990); este promotor cs
aproximadamente 5 veees mds "cficicnte” que cl promotor lac-UV).

Ll promotor tac ¢s un promotor hibrido derivado de los dos anteriores, que conserva la
alta eficiencia del promotor trp, pero cs regutado por el represor lac. Estd constituido por la

regién -35 del promotor trp y la region -10 y el operador de Jac. La cliciencia de este

[y

11



promotor ¢s pricticamente igual a la de wp (De Boer ct al., 1982).

Ll promotor P, participa en ¢l control del mantenimicnto de la infeccidn Iftica del fago
lambda. Su expresion cs controlada por ¢l represor figico ¢l durante ¢l estado lisopénico del
fago. Sc han obtenido mutantes de este represor que lo hacen sensible a altas temperaturas de
crecimiento (42°C). La eficiencia de cste promotor ¢s similar a la de tac.

Cualquicra de cstos promotores pucde ser dtil para la expresion de penes que codifican
para protefnas recombinantes, como ha sido demostrado por varios grupos. Sin cmbargo, si
s¢ desca que el proceso sea competitivo comercialmente, se deberd considerar ¢l costo del
método de induccidn, asi como la Lactibilidad téenica de transferirlo a unma escala de
prodluccidn,

El nivel final de proteina dependerd ademds de otros clementos genéticos presentes cn
cl vehiculo moleeular y la célula hospedera; la dosis génica, determinada por ¢l ndimero dc
copias del plismido rccombinante al momeato de la induccidn, y las condiciones fisioldgicas

de la bacteria.
-Fusiones gendéticas para Ja produccion de péptidos en L. coli.

degradacién proteolitica del producto y esto ocurre preferencialmente cn péptidos pequciios.
Por cjemplo, la vida media de la proinsulina de rata expresada cn E. coli es de 2 minutos
(Talmadge, 1982).

Existen varias posibles solucioncs o cste problenia y una de fas mds cfectivas consiste
en fusionar al gene del polipéptido, con el gene estructural de una proteina acarreadora
cstable (generalmente  propia de  E. coli). Al expresarse cste gene hibrido, dard como

producto una protefna hibrida o de fusion, que pucde ser cstable (Itakura ct al,, 1977, Uhlén

'y Moks, 1990).

Generalmente al sobreproducirse una protefna hibrida en Ii. coli, ésta se acumula en la
célula como cuerpos de inclusion que son particulas densas que contienen a la proteina hibrida
precipitada. La formacion de cstos cuerpos depende principalmente de la solubilidad de la
proteina hibrida, su tasa de sintesis, y las condiciones de cultivo (Itakura et al., 1977, Marston,
1986). Las principales ventajas de producir la proteina hibrida como cuerpos de inclusion son

que de esta manera sc encucatra protegida de a protedlisis, y que ademds puede ser purificada
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facilmente por medio de centrifugacion diferencial (Cruz et al., 1990). Sin embargo, una
desventaja de los cuerpos de inclusion cs que ¢l producto s¢ obtiene inactivo por cncontrarse
precipitado y por cllo para recuperar su actividad, cs necesario solubilizar y renaturalizar la
proteina,

Es convenicnte que la proteing acarrcadora sea lo mds pequeiia posible, para que la
proporcion de la proteina de interés sea alta, Para la expresion de genes helerdlogos en L,
coli, sc han empleado [rccucntemente fusiones con gencs o segmentos de los mismos, quc
codifican para las siguicntes proteinas: B-Galactosidasa (Ltakura ct al., 1977), antranitato sintasa
(Yansura, 1990), represor ¢l (Flores et al.,, 1986) y represor ¢ll (Nagai y Thorgersen, 1984),
Istas protefnas o porciones de cllas, han sido cfectivas para lograr estabilizar protcinas

heterdlogas en L. coli.

-Estabilidad de plismidos recombinantes.

Algunos pldsmidos originales de I coli, fucron utilizados inicialmentc como vehiculos
molcculares para la clonacion de DNA (Morrow ct al., 1974). Sin cmbargo, éstos ticnen
grandes limitaciones por lo que fue necesario disciiar y desarrollar plismidos con caracteristicas
superiores como vehfculos de clonacion. Un cjemplo de estos vehfculos s el pldsmido pBR322
(Bolivar ct al., 1977), quc ha sido usado junto con sus derivados (Balbds ct al., 1986), pura
muchos cxperimentos cldsicos de clonacidn y expresion de DNA.

La presencia del pldsmido recombinante, portador del (los) gence(s) heterdlogo(s), en un
cultivo de produccién, ¢s un factor determinante de la productividad. La inestabilidad
sepregacional de un pldsmido, depende de las caracterfsticas genéticas propias, de la cepa
hospedera y del cstado fisiol6gico de esta Gltima,

La utilizacién dc agentes sclectivos (antibidticos) para cvitar ¢l crecimicento de células
(que han perdido ¢l plismido, ha resultado clectivo en cultivos a nivel laboratorio. Sin
cmbargo, cn cultivos a gran escala y/o de alta densidad cclular, este método serfa costoso y
como ha sido demostrado, podria ser poco clectivo (Pierce y Gutteridge, 1985).

Otra mancra de favorecer el mantenimicento del plismido recombinante en la poblacidn,
consiste cn restringir la velocidad especifica de crecimicnto (1) de las células (Sco y Bailey,
1985; Sco y Bailey, 1986; Lee y Chang, 1990). Al reducir |, gencralmente s¢ ocasiona un

incremento en ¢l nidmero de copias del plismido recombinante, y con esto una reduceion cn
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la frecuencia de segregacion (Koizumi et al., 1985). Existen diversas mancras de restringir la
velocidid especifica de crecimiento, sin embargo, aqguella que es usada con mayor frecucncia

s¢ basa en limitar algin nutriente en ¢l medio de cultivo (Zabriskic y Arcuri, 1986).

-Fermentacion ¢ induccion,

Lua conversion de un proceso de produccion a nivel de laboratorio cn un proceso
industrial, recibe cl nombre de csculamicnto, Es bien sabido que un proceso que funcioni
adecuadamente cn la cscala de laboratorio, pucde no necesariamente funcionar o hacerlo
deficicntemente en escalas mayores, Ls importante scleccionar desde ¢l desarrolio de un
proceso a nivel laboratorio, estratepias y operaciones que pucdan scr cscaladas clicicntemente
a nivel plaata piloto o mayor.

il objetivo del proceso de fermentacién como parte de una tecnologia de produccion,
consistc en obtener Ia mayor cantidad de producto por unidad de volumen y de ticmpo
(productividad), Esta productividad estd determinada por las caracteristicas  genéticas  del
sistema de produccidn (pldsmido recombinante y cepa hospedera) y por las condiciones de
cultivo.

Son tres los factores que influyen en mayor medida sobre la productividad de un cultivo
con organismos rccombinantes: Ja estabilidad del plismido recombinante, la concentracion
celular final y ¢l nivel de induccién del (los) gene(s) heterélogo(s). Estos factores ticnen un
Iimite determinado por las caracteristicas genéticas del sistema de produccion; sin cmbargo,
estos clementos pueden ser manipulados, hasta cierto Ifmite, al modificar las condiciones de

cultivo.

-Estrategias de fermeniacion para obtener alias densidades celufares.

Uno de los factores que determinan [a productividad en un cultivo donde ¢l producto se
acumula intracelularmente ¢s la concentracién celular final. En un cultivo bacteriano, la
concentracion celular aumenta hasta que sc presenta una limitacion para continuar crecicndo.
Esta puede ser la falta de nutricntes o la acumulacién de metabolitos inhibidores del

crecimicnto (Zabriskic y Arcuri, 1980).
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cs ¢l oxigeno (Paalme ct al,, 1989). Cuando el suministro de oxfgeno por el equipo (Na) cs
superado por la tasa de consumo de oxigeno por las células en cultivo (Q,,, X), se cstablecen
condiciones anacrdbicas, las cuales son desfavorables pura lograr densidades celulares elevadas
(Zabriskic y Arcuri, 1980).
Por lo tanto, un cultivo no cstard limitado por oxigeno mientras se cumpla lo siguicnte:
Na >= Q,, X
lo que s igual a
ka (C'-C) >= YO, X 1t
cn donde:
ki at Cocliciente volumétrico de transferencia de masa ().

]
C,

. Concentracion de oxigeno disuclto en equilibrio con ¢l oxfgeno de Ia fase
gascosa (g/L).

C. Concentracidn del oxfgeno disuclto en ¢l liquido (g/L).

YO, Reandimicnto de oxigeno (g oxigcno/g células).

X Concentracion celular (g células/L).

0 Velocidad especlfica de crecimiento ().

Gran parte de los estudios encaminados a lograr cultivos de alta densidad con E. coli,
han sido enfocados a dcfinir métodos para incrementar la transferencia de oxigeno o reducir
su demanda bioldpica.

De acuerdo con lo anterior, en cuanto & la transferencia de oxfgeno, los pardmcetros que
pucden incrementarse son ko o C',. Durante una fermentacion, al aumentar la velocidad de
agiticion, cs posible incrementar cl ka del cquipo para contender con ¢l incremento en Q,
X. Sin embargo, en algin momento sc legard al mdximo k.a para csc cquipo determinado y
si el cultivo ain sc encuentra metitbdlicamente activo, cventualmente su crecimicnto se verid
limitado por la falta de oxfgeno, Para incrementar adn mds ¢l valor de Na, s¢ han desarrollado
estrategins que aumentan ¢l valor de C'. Esto se ha logrado presurizando ¢l fermentador,
enriquecicndo cl porcentaje de oxigeno del aire empleado, § ulilizando oxigeno puro. Lste
mctodo ha permitido alcanzar densidades celularcs muy altas (Shiloach y Bauer, 1975; Fass

ct ak., 1989). Sin ecmbargo, csta cstrategin no puede ser aplicada ficilmente a cscalas mayores



de 100 L, debido al costo y al peligro potencial de emplear oxfgeno puro, atn cuando sdlo
sc utilizara cn las lases finales de la fermentacion.

El consumo de oxigeno por tas bacterias cn cultivo depende de la concentracién celular,
de la fuente de carbono utilizada y de la velocidad especifica de crecimicnto (Quintero, 1981).
El rendimicnto de oxigeno (YO,), depende de la fuente de carbono wtilizada, Asi, la
concentracion celular (X) ird aumentando conforme transcurre ¢l tiempo de fermentacion, y
la | puede variar o permanccer constante durante la fermentucién,

Los estudios referentes a tratar de reducir ¢l consumo de oxigeno, han estado cnfocados
principalmente a lograr controlar la velocidad especifica de crecimicnto, Una de las estrategias
consiste en limitar la velocidad especifica de crecimiento por medio del control de Ia
temperatura del medio de cultivo. Este sc sustenta en reducir paulatinamente la temperatura
de la fermentacidn para controlar y disminuir Ia JL y por lo tanto ¢l consumo dc oxfgeno. Esta
cstrategia ha tenido ¢xito solo en voldmenes inferiores a Jos 250 Ly en esta escala, ¢l calor
producido por ¢l cultivo, cxcede la capacidad de enfriamicnto del fermentador (Gleiser y
Bauer, 1981), Por lo tanto, para aplicar csta cstrategia cn este volumen o uno mayor, sc
necesitarfa utilizar cquipo adicional de enfriaumiento,

La estrategia mds cominmente utilizada para controlar ¢l consumo de oxigeno mediante
la reduccion de la [, se basa cn la limitacién de uno o varios nutricnics cn ¢l medio de
cultivo. El nutricnte que gencralmente s¢ limita cs la fuente de carbono, aunque también s¢
ha reportado la limitacién por fa fuente de nitrégeno o algun nutriente csencial para cl
crecimicnto celular, La tasa de alimentacion del nutvicnte limitante se puede definir de diversas
maneras, y asi, sc¢ han probado tasas predeterminadas de alimentacidn, control por demanda
de oxfgeno o producciéon de bidgxido de carbono, contrel por demanda de la base usada para
controlar pkf, cte. Husta ¢l momento no cs claro cual o cuales de cstas cstrategias serfan fas
mejores, ya que hay que considerar simultdneamente la facilidad de escalamiento y densidad
celular alcanzada (Zabriskic y Arcuri, 1980).

Otro elemento que pucde Himitar la densidad celular final alcanzada cn un cultivo, cs la
presencia de metabolitos inhibidores del crecimicnto. La produccion de este tipo de metabolitos
es propiciada principalmente por tres factares: una alta concentracion de Ia fuente de carbono
(generalimente glucosa) en ¢l medio, una alta velocidad especifica de crecimiento y condiciones

de limitacion de oxigeno (Paalme ct al.,, 1989). Las opciones para cvitar la produccion de
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metabolitos inhibidores del grecimicnto, son pricticamente las mismas cmpleadas  para
disminuir Ia f por restriceién de nutricntes. Ademds de la limitacién de la fuente de carbono
y la velocidad especifica de crecimicnto, una estrategia adicional para reducir ¢l nivel de
mctabolitos inhibidores consiste en remover ¢} medio de cultivo del fermentador por filtracién
tangencial y substituirlo con medio nuevo. De esta nunera, es posible reducir ¢l nivel de los
metabolitos inhibidores, y asf favorecer que fas c¢élulas continden crecicndo (Lee y Chang,
1990). Una desventaja importante de este método s que se requicre reemplazar al menos un
volumen de medio igual al del fermentador, por lo tanto no e¢s ficilmente aplicable a escalas

prandes de fermentacion,

-Mctodos de induccion en fermentador para el promotor trp.

Como ya ha sido mencionado, la region de regulucion del operon de triptolano de E.
coli ha sido utilizada ampliamente para controlar la expresion de genes heterélogos. il método
mids cmpleado para lograr fa induccion de esta region de regulacién, consiste en reducir L
concentracion de triptofano cn ¢l medio de cultivo mediantc una dilucién de 25 a 50 veces
cn mcdio minimo, y agregar el inductor quimico dcido indol-3-acrilico (Yansura y Henner,
1990). Este procedimicnto generalmente causa una buena induccion del gene heterdlogo, sin
embargo, no cs ficilmente aplicable a escalas de operacién de 10 L. o mayores, debido a la
nccesidad de diluir ¢l cultivo y al costo del inductor.

Sc han reportado métodos para lograr la reduccién de la concentracién extracelular y/o
intracclular de triptofano, los cuales pudicran ser utilizados cn fermentaciones de gran escala,
Uno dec cstos métodos consiste en la degradacion del triptofano intracelular por la cnzima
triptofunasa. La cstrategia sc basa en un cullivo tipo lote alimentado, donde se inicia
alimentando glucosa, la cual reprime la sintesis de la enzima triptofanasa. Cuando se desca
inducir a esta enzim, se cambia la fucnte de carbono de glucosa a glicerol en la alimentacion,
induciéndose asf la triptofanasa, la cual degrada al triptofano intracelular, logrindosc con csto
la induccion (KKawai et al., 1980).

Otro mctodo se basa en la aplicacion de la {iltracion de {lujo tangencial, para reemplazar
al medio de cultivo con triptofano, por otro quc no le contenga, De esta manera se va
reduciendo ¢l nivel de triptofano en el medio, hasta que sc provoca la induccion del promotor

(Ijima et al., 1987).

17



~Recuperacion y purificacidn,

-Md&todus empleados para la purificacion a pran eseala de proteinas recombinantces.

Ln un proceso pra la produccién de proteinas terapéuticas humanas, cf costo de la
purilicacion de las proteinas pucde represcutar hasta ¢l 80 o 90% de su costo total (James,
1984). Normalmente ¢l modo de administracidon de este tipo de proteinas es mediante
inyceeion, lo cual determina que ¢l producto deba cumplir requisitos de purcza muy estrictos,

Por csic motivo, y porque en i coli los productos gencralmente son intracclulares, la
purificacion de las protefnas heterblogas requiere de varias operaciones cromatogrificas,
basadas en diferentes propicdades fisicoquimicas. Sin embargo, en cada paso existe una pérdida
de material, y por cllo ¢s conveniente reducir ¢l nimero de pasos involucrados.

Los métodos escalables mids cominmente empleados para la purificacion de proteinas
reccombinantes s¢ basan cn cromatograffa liquida, ya que este tipo de metodologia permite
lograr un afto grado de resolucién en la scparacion de los componentes de una mezela. Existen
varias modalidades dentro de la cromatograffa, y su aplicacion dentro de una teenologia de
procuccion va a depender principalmente de las siguientes consideraciones: propiedadces
fisicoquimicas del producto y del material contaminante, el uso al que estard destinado, In
pureza requerida y el costo de operacion, Para proteinas recombinantes, tanto la cromatograffa
de intercambio idnico, como la cromatografia Jquida de alta presion (HPLC), han sido
emplcadas con éxito en escalas de produccion. La cromatograffa de intercambio idnico sc basa
en la separacion de protefnas y otras moléeulas dependicndo de su carga idnica, s un mdétodo
que pucde ser escalado hasta ¢l nivel industeial. La cromatografin liquida de alta presion de
fasc reversa, permite la separacion de proteinas con base en su hidrofobicidad. Lste es uno de
los métodos cromatogrificos de mayor resolucion, pudicndo ser aplicado a escalas industriales

de operacion (Cruz ¢t al., 1990).



rams 5 i o N T ekt P e e gL

OBJIETIVO

El objetivo general de esta tesis fue desarrollar a partiv de los resultados oblenidos
previamente cn nucstro laboralorio, algunos de los procesos que conslituyen y pucden formar
parte de una tecnologia para fa produccion de insuling humana por téenicas de DNA
recombinante.

Los objetivos particulares fucron:

- Desarrollo de uin proceso fermentativo tipo lote alimenlado en la escala de 10 litros con la
cepa recombinante E. coli W3110 1p [pNF21B], que sea [cilmente escalable y que permila
lograr un alto nivel de produccién de la proteina hibrida cl-cadena B, Sc¢ pretende que esie
proceso ademds pucda servir de modelo para ¢l escalamicnto de la produccion de la profeina
hibrida cl-A.

- Desarrollo de procesos escalables basados cn cromatografia Hquida, para la pucificacion
preparativa de fas cadenas A y B de insulina humana, producidas ca E. coli.

El cumplimicnto de cstos objetivos es parte del primer paso cn ¢l desarrollo de una
tecnologfa a escala planta piloto para la obtencién de insulina humana producida cn E. coli.
Los conocimicntos adquiridos ademids podrdn ser aplicados al desarrolio de tecnologfas para
la procduccién de otras protefnas por téenicas de DNA rccombinante, incluida la proinsulina

humana.
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RESULFADOS Y DISCUSION

ASPECTOS MICROBIOLOGICOS Y DE FERMENTACION

-Caracterizacion del sistema de expresion I, coli W3L10 tep” (pNEF2IB), bajo
diferentes condiciones de crecimiento ¢ induccion.

Con ¢l propésito de desarrollar un proceso fermentativo de alta productividad, susceptible
de ser escalado, nicklmente sc estudiaron bajo diferentes condiciones cultivo tipo lote, ties
pardmetros: a) estabilidad del plismido pNF2IB cn la cepa I coli W3110 trp; b) induccion
del gene hibrido cl-cadena B en csta cepa y <) nivel de concentracion celular final cn
fermentaciones de 10 litros. Con estos clementos se desarrolld un sistema de cultivo tipo lote
alimentado, con cl cual se logré alcanzar un alto nivel de produccién de la protefna hibrid.
A continuacion se comparan y discuten los resultados mds relevantes, y se reficren a las

publicaciones resultantes.

a) Lstabilidad del plismido pNI2IB cn Ia cepa K. coli W3LL0 tepy

Los resultados de experimentos en cultivo tipo lote, y lotc alimentiado indicaron que cn
cl sistera de produccion existe inestabilidad segregacional del plismido pNI21B (Gossct ct
al.,, artfculo 1), La disminucién de la proporcion de células portadoras de plismicdo ¢n un
cultivo de bacterias recombinantes depende de dos factores: de la probabilidad con la que sc
generan células sin plismidos y/o que s¢ producen mutaciones cn cstos Gltimos, y de T
difcrencia cn velocidades especificas de crecimicnto entre las células con pldsmidos y aquellas
que los perdicron.

En los experimentos con los cultivos tipo lote donde se estudio cl clecto de diferentes
concentraciones de triptofano, pudo obscrvarse una correlacion cntic ¢l nivel de proteina
hibrida producida y ¢l porcentaje de células sin plismido (Fig. 3, que es la Fig. | del articulo
1 y Tabla I, artfculo 1). En cste tipo de cultivo, la ) fue similar en las cuatro condiciones
estudiadas. Por lo tanto fuc posible ateibuir al nivel de induccidn de la proteina cl-cadena B3,
el grado de pérdida de plismido c¢n la poblacién bacteriana. Estc fendmeno pucde explicarse
st s¢ considera que el nivel de induccion de la proteina hibrida puede tener un clecto negativo
sobre la velocidad especifica de crecimicnto, Por lo tanto, ¢s posible pensar que al inducirse

cl gene hibrido sc desvia parte de Ia capacidad biosintética de Ia bacicria hacia la sintesis de
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la protefna hibrida, ocasionando una reduccién en la {1, que es proporcional al nivel de fa
induccion, Este cfecto favorecerd que Ia poblacion presente de células sin plismido,
cventualmente supere cn nimero @ las células productoras. Bn la Lig, 4 se pucde obscrvar
¢omo la induccién provoca el cese en cl crecimicnto de la poblacién portadora del pladsmido
(bacterias productoras), la poblacidn de células sin plismido contimia creciendo, [legando a
superar a la poblacién productora.

Por otro lado, al compuarar los resultados de los cultivos tipo lote con los de lote
alimentado, s encuentra qque la pérdida de pldsmido es menor cn ¢l dliimo caso, ver Tabla
I, (Tabla I, articulo 1), sicndo lus diferencias principales entre cstos dos tipos de cullivo la
restriceidn de la Ly un menor nivel de induccién cn ¢l cultivo tipo lote alimentado. En cste
caso, ¢l meremento ¢n el porcentaje de células con pldsmido al final del cullivo, pucde scr
atribuida al posible incremento en ¢l ndmero de copias del pldsmido, debido a la reduccion
de la p, y al menor nivel de induccién de la proteina hibrida, Puede observarse cn la Tig, 5,
cdmo la aparicién de células sin plismido ocurre hasta la hora 10, y por otro lado, cl
crecimiento de las cClulas productoras no se ve suprimido por la induccién del gene hibrido.

Estos datos indican que Ia inestabilidad en este sistema depende al mienos de dos factores:

cl nivel de induccion del gene hibrido y la velocidad especifica de crecimicnto.

b) Induccion del gene hibrido cl-cadena B y niveles de Ia proteina hibrida.

Los resultados obtenidos de los cultivos tipo lotc muesiran la dependencia existente entre
¢l nivel de wriptofano en ¢l medio de cultivo, y la represién ¢ induccién del gene hibrido ¢l-
B Tabla I, (Tabla 1, articulo 1). Niveles de triptofano cn ¢l medio mayores de 200 pp/mL
logran mantencr reprimido al gene hibrido. Por otro lado, si la fermentacion se realiza en un
medio con una concentracion de triptofano menor a 150 pg/ml., entonces pucde ocurrir fa
induccion. Es importante resaltar, cn ¢l caso de la condicion Fl, donde se agregaron 100
wg/ml de triptofano al medio, que el nivel de la proteina hibrida en la poblacidon productora
corresponde al 12.7% de la proteina total celular, En el cultivo tipo lote alimentado, la
situacion e¢s diferente, ya que la induccion pucde iniciar cuando la concentracion de triptofano
es de aproximadamente 300 pg/ml y en este caso, ¢l nivel de la protefna hibrida de la

poblacion productora corresponde al 12.2% de 1a protefna total celular (Fig. 6, que equivale
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Figura 3. Crecimiento de Ia cepa  E. coli W3110 trp (pNF21B) en cultivo tpo lote con
medio FEM suplementado con diferentes cantidades de triptofano, La concentracion de biomasa
estd representada por lineas continuas y la concentracién de triptofano por lincas punicadas.
FO.- Medio FEM sin triptofano adicional. F1.- Medio FEM mds 1 g/10 L de wiptofano
adicionado al tiempo 0. F1.5.- Medio FEM mds 1.5 g/10 L de triptofano adicionado al tiempo
0. F2.- Medio FEM mis 1 g/l de wiptofano adicionado cada dos horas cince veces a partir

del ticmpo 0. Las flechas indican el momento de adicion de ampicilina (100 pg/mL).
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Tabla L (a) Efecto de Ia concentracion de triptofano’ sobre pardmetros de fermentaciones
tipo lote; (b) comparacion entre cultivo tipo lote alimentado y cultivo tipo lote I°1.

10
Fl
o
‘Biomasa (g/1) 6.7
' Poblacién portadora de plismido (%) 806
. Poblacién sin pldsmido (%) 14
Relacién de proteina hibrida a protefna
total celular de la biomasa totat (%) 4.6
. Relacion de proteina hibrida a proteina total
- celular de la biomasa portadora de plismido (%) 5.3
- Concentracion final de Ia proteina hibrida (/1) 0.17
_ Tiempo total del cultivo (h) 10
~ Duracién de la fase de crecimicnto (h) 5.2
- Duracién de la fase de induccién (h) 4.8
Rendimicnto cclular a partie de glucosa (g cels/g gluc,) — -—
' Rendimicnto de proteina hibrida a partir
& de glucasa (g prot. hibrida/y glue.) -
Productividad (g prot. hibrida/l h) (.02
. Velocidad cspectfica de crecimicnto (') 0.35

(@)
i1

12
62
38

7.9

12,7
(.53
14
5.2
3.8
(.21

0.009
(.04
0.34

L5

12
66
34

7
10.6
0.406
14

8

0.03
0.26

(b)
Relacion

2 Lote L almnkeky

alimentado lote
13,9 20 1.67
67 90 1.45
33 10 0.26
<1 i1 1.39
<l 12.2 (.96
-—— 1.21 2.28
14 24 171
14 3 [.54
0 16 1.82
- 0.3 [.43 :
e 0.018 2
— 0.05 1.25
031 0.18 0.53

¥ Concentracionces de triptofano usadas: FO, medio FEM sin triptofuno adicional; F1, medio FEM medium
"mas 1 g/10 | de wriptofano adicionado al tiempo 0; FL.5, medio FEM mds 1.5 g/10 1 de triptofano
adicionado al tiermpo 0; F2, medio FEM mids 1 g/10 | de triptofuno adicionado cada dos horas cinco

-~ oveees, comenzando en ¢l ticmpo 0.
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Figura 4. Cinética de crecimicnlo de biomasa tolal (©), biomasa portadora de pldsmido (a) y

biomasa sin plismido (0) de un cultivo tipo lote con la cepa L. coli W3L110 wp (pNE211).

Para obtener estas curvas, mucstras del cultivo fucron platcadas en medio Luria y medio Luria

mds ampicilina. ‘
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Figura 5. Cinética de crecimicnto de biomasa total (©), biomasa portadora de pldsmido (a) y
= biomasa sin pldsmido (@) de un cultivo tipo lote alimentado con la cepa E. coli W3110
(pNL21B). Para obtencr cstas curvas, muestras del cultivo fueron platcadas cn medio Luria vy

mcdio Luria mds ampicilina,
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Figura 6. Cinélica de una fermentacion tipo lote alimentado de Ja cepa L. coli W3T10 wp
(pNEF21DB). Sc determinaron niveles de biomasa ©), protefna hibrida cl-cadena B @), wiptofano
) y porcentaje de células portadoras de plismido ¢-). Las flechas indican ¢l momento de Ia

adicion simultanca de ampicilina (100 pg/mL) y triptofano (100 pg/mL).

20

et e e e e



e i

a la Fig. 4, articulo 1). De estos experimentos s¢ concluye que ¢s posible lograr un alto nivel
de induccidn a partir del promotor trp, mediante la deplecién del triptofano por las células en
cl cultivo.

El andlisis de los niveles de la proteina hibrida cl-cadena B en los cultivos tipo lole y
lote alimentado, reveld que atin bajo condiciones de represion del gene hibrido, se logra
detectar una pequeiia cantidad de proteina hibrida (< 1% de la proteina total celular). Tiste
nivel corresponde al producto de la transcripeion de escape del gene hibrido. Ll fendmeno
prede ser explicado cn t¢rminos de considerar la titulacién del represor tp debido al cfceto
multicopia del plismido rccombinante. La transcripeidn de cscape en nuestros cultivos puede
ocasionar un incremento cn la tasa de apuricion de células sin pldsmido. Una solucién a csic
problema scrfa incluir al gene que codifica para ¢l represor wpR en ¢l mismo plismido
rccombinante,

Como sc menciond anteriormente, cn ¢l caso de cultivos con organismos portadores de
pldsmidos rccombinantes, la productividad dependerd principalmente de tres factores: la
estabilidad dcl plismido recombinante, el nivel de induccién y ¢l nivel de Ja concentracion
celular final. Los resultados obtenidos cn este cstudio muestran que existe una importanic
interrclicidn cntre los tres factores. Segin los resultados, ¢l nivel de induccion cs un Tactor
que pucde afectar negativamente ¢l crecimiento celular, lo cual causarfa una baja concentracion
celular final de las células productoras y ¢l posible sobrecrecimiento de células sin pldsmido.
Lo anterior indica quc una estrategia de desarrollo y optimizacion de un proceso con
organismos rccombinantes, no necesariamente debe intentar incrementar lo mds posible ¢l nivel
de produccién de una proteina de heterélopa que se acumule intracelularmente. Mds bien, sc
debe definir ¢l nivel éptimo de expresion para ¢l gene de intercs, y ¢ste pucde no ser ¢l nivel
maximo posible para ¢l sistema  buacteria  hospedera-pldsmido  recombinante,  Estas
consideraciones son aplicables cuando se desca que Lis cclulas continden creciendo despucs

de la induceion.

¢) Niveles de concentracion celular.
La relacién cotre la concentracion celular fisal alcanzada con la cepa L. coli W3110

tp y cl nivel de triptofano cn cl medio, se¢ demostrd cn los experimentos con cultivos tipo
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lote. En una de Jas condiciones estudiadas (10), ¢l bajo nivel inicial de wiptofano (30 pg/mL.)
causo que el cultivo entrara prematuramiente en la fase estacionaria (g, 3, que cquivale a la
Fig, 1, artfculo 1). Estos experimentos nos permiticron definir, en las condiciones estudiadas,
un rango dentro del cual no existe limitacién para el crecimicnto debido a la concentracion
de triptotino, ni represion del gene hibrido cl-cadena B. Este rango cstarfa comprendido entic
100 y 150 pg/ml de triptofane al inicio de la fermentacidn,

Iin los cultivos tipo lote no limitados por triptofano, ¢l nivel final de concentracion
celular alcanzada fue de aproximadamente 12 g/L.. Sin cmbargo, li biomasa producida no c¢s
la mdxima csperada para la cantidad de nutricnies presenies en el medio de cultivo.  En cstos
cultivos ¢l crecimicnto se detuvo win con la presencia de glucosa en cl medio. Este hecho
permite pensar que la presencia de metabolitos inhibidores del crecimicnto, ocasiond L
teeminacion del crecimicnto. Asi, al limitar fa velocidad especifica de crecimicnto, mediante
la alimentacién de la glucosa y ¢l (NI,),HIPO,, se logrd incrementar la concentracion final de
biomasa hasta 20 g/L peso seco (Fig. 0, que cquivale a la Fig, 4, articulo 1).

Ademds de lograr un incremento cn la concentracion cclufar final de los cultivos lote
alimentado, mediante la restriccidn de la p, también sc logrd un incremento co  los

rendimientos de bromasa y proteina hibrida a partir de glucosa (Tabla I, Articulo 1).

ASPECTOS DE RECUPERACION Y PROCESAMIENTO DEE LA BIOMASA

Ademids de los métodos descritos cn csta tesis para ¢l crecimicnto de la cepa
rccombinante y la purificacion de las cadenas A y B de insuling, se han desarrollado y
cscalado procesos y opcraciones que cn conjunto conforman la tecnologia parta praducir
insulina humana de origen recombinante. Aunque su desarrollo no formd parte de esta tesis
doctoral, se mencionan aqui para presentar la tecnologia en su totalidad y relacionarla con ¢l
trabajo de esta tesis.

Recuperacion de la biomasa:

Sc realizaron estudios para lograr la recuperacion y la diafiltracion de la biomasa que
sc gencrara cn fermentaciones de 10 y 100 litos, utilizando cquipo de filtracion de [lujo
tangencial, BEste método cs adecuado para el mancjo de organismos recombinantes, ya que al
ser un sistema herméticamente scliado, no permite fa liberacién de los microorganismos. Para

cl proceso de diafiltracion sc definicron las siguicntes condiciones de operacion: tamaiio de
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poro de la fibras huccas, 100,000 daltones; superlicie de filtracion, 5 pics cuadrados; fujo de
recirculacion, 22.92 [/imin; presion de entrada de 10 pst. La dialtltracion se continua hasta que
o conductividad del Tiltrado baja hasta 100 wmhos, Posteriormiente, en ¢l mismo cquipo sc
Heva a cabo fa concentracidon de [a biomasa por un factor de 0.

Ruptura celular:

La biomasa sc rompe por medio de homogenizacion cn una prensa rancesa bajo las
siguientes condiciones de operacidn: la concentracion celular ecmpleada cs del 20%, la presion
es de 500 kp/om. Después de 5 pases bajo cstas condiciones, se¢ logra una liberacion de
proteina soluble mayor al 95%. Con csic procedimicnto ¢s posible romper 3 kg de pusta
celular hdmeda en aproximadamente 2 horas, Este método resulta adecuado pava procesar la
biomasa provenicnte de una fermentacion de 100 litros,

Recuperacion y purificacion de cuerpos de inclusion:

Para la recuperacién y purificacién de los cucrpos de inclusion formados por las protefnas
cl-A o ¢I-B, sc emplea el mélodo de centrifugacion diferencial. El producto del rompimicnto
celular ¢s somctido a centrifugacion de alta velocidud (12,000 rpm) por 10 min y lavados
sucesivos, para cariquecer los cuerpos de inclusién. Este procedimicnto es repetido 3 veees,
dando como resultado la proteina hibrida con un 70% de purcza,

Sullitdlisis y cianogenolisis: |

Este proceso ha sido cscalado para ¢l procesamicnlo de materiul  provenicnte  de

aproximadamente 33 litros de fermentacion. Por lo tanto en tres lotes serfa posible procesar

fa proteina hfbrida de una fermentacion de 100 litros.

ASPECTOS DE PURIFICACION DE LAS CADENAS DE INSULINA

a) Purificacion preparativa de la cadena BB de insulina.

Utilizando cromatografia liquida de alta presion (HPLC), s¢ desarrolld un método sencillo
para lograr la purificacion de Ja cadena B de insulina humana a nivel de gramos. S probaron
tres sistemas analfticos Lasados cn los solventes orgdnicos acctonitrilo, isopropanol y metanol.
En los tres casos se lopré separar a la cadena B de los péptidos contaminantes (Fig. 7, que
equivale a la Fig. 1, articulo 2). Lin prucbas con resina preparalivi, s¢ observd que nuevamcente
fué posible separar a lu cadena B de los péptidos contaminantes, aunque la resolucion

disminuy6 al compararlo con ¢l sistema analitico (Fig. 8, que equivale a lu Fig. 2, adticulo 2).
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Figura 7. Cromatograffa fase reversa analitica de cucrpos de inclusién que conticnen la cadena
B dc insulina, tratados con bromuro de ciandgeno. Una muestra de 50 pg fué corrida en una
columna pBondapack CI8, con un flujo de I mL/min. La posicion de la cadena B en ¢l
cromatograma cstd indicada con una flecha. Ll sistema buffer usado fuc ¢l siguicnte: (A)
HCOOH 2.5%, TEA 15 mM; (3) isopropanol. Equilibrio: 27% B, 10 min; clucion: 30% 13,

10 min. Deteccion: 280 nm.
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Figura 8. Purificacion cromatogrifica de la cadena B de insulina humana. Sc muestra una
cromatograffa fuse reversa, usando una columna analitica cmpacada con resina preparativa,
de 100 pg de una muestra de cuerpos de inclusion tratados con bromuro de ciandgeno.Pancl
1, composicién del buffer: (A) HCOOHM 2.8%, TEA 15 mM; (B) acctonitrilo; equilibrio: 30%
B, 10 min; clucién: 33% B, 10 min. Pancl 1, composicién del buffer: (A) HCOOIMH 2.5%,
TEA 15 mM; (B) metanol; cquilibrio: 60% 13, 10 min; clucidén: 70% B, 10 min. En todos los
sistemas s¢ ulilizd un flujo de 1 ml/min. La posicion de la cadena I3 de insulina se indica

con una flecha.



Se decidio continuar escalando el sistema basado en isopropanol, ya que en base al criterio
de costo del solvente resulta el mids conveniente. Este método se basa en dos pasos: cquilibrio
y clucidn, y presenta la ventaja de ser mds ficilmente escalable que un sistema que requicri
gradientcs.

b) Purificacion preparativa de la cadena A de insulina.

Para desarrollar este método de purificacion, sc consideraron las caracterfsticas particulares
de la cadena A de insulina. Este polipéptido de 21 aminodcidos, posce cuatro residuos de
cisteina. Como parte del procesamicnto para su purificacién, estos residuos de cisteina son
transtormados a S-sulfonatos (A-(550,),), aumentindose ¢l carficter anidnico de la cadena A
y su solubilidad.

Utilizando ¢l intercambiador anidnico Macro-Prep 50 Q, sc estudiaron condiciones que
permiticran separar a Ja cadeni A de péptidos contaminantes. Sc logrd obtener a la cadena
A con un 95% de purcza, cquilibrando Ia columna con una solucién buffer mis NaCl 0.5 M

y cluyendo con un gradiente lincal de 0.5 a I M NaCl (ver Fig. 9 que equivale a la Fig, 3,

articulo 3). Los datos del experimento anterior indican que bajo condiciones de alta fucrza

idnica (NaCt 0.5 M), solo la cadena A sc une al soporte, Esto permitié purificar a 1a cadena
A equilibrando la colunma con solucién buffer mis 0.5 M NaCl y posteriormente cluycndo
la cadena A con solucién buffer NaCl I M (Ver Fig. 10 que equivale a la Fig. 4, articulo 3).

El pl de la cadena A ¢s menor de 2 y esta caracterfstica fue aprovechada para lograr su
unidén al soporte, atin cn condiciones de alta fucrza iGnica. Bajo cstas condiciones la mayorfa
de los péptidos contaminantes no se uncn al soporte, por lo tanto, gran pirte de la cupacidad
del mismo cs aprovechada para unir a la cadena A. Con basc en cstas consideracioncs, se
desarrollé un método de purificacién por cromatograffa de intercumbio iénico, ¢l cual permitid

obtener a la cadena A con un alto grado de purcza, sicndo este un método simple y escalable.

Asociacion de las cadenas A y B de insulina y purificacion de la insulina humana:
Como parte de la tecnologfu para producir insulingd humana por téenicas de DNA
rccombinante, sc¢ cucnta con un método para lograr la asociacion con un 60% dc cficicncia
de las cadenas A y B de insulina humana en la escala de gramos. Asi mismo sc aplica un
método para lograr la purilicacion preparativa por HPLC de la msulina humana activa, ¢l cual

ha sido escaludo a nivel de gramos.
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Figura 9. L- Purificacion cromatogrdfica de 5 ml de una muestra péptidica tratada con
bromuro de ciandgeno, cn una columna con 2 ml de soporte preparativo Macro-Prep 50 Q.
Se utilizé un flujo lincal de 38 em/h, cquilibrando con una solucién buffer compucsta de
Tris/LIC1 50 mM pH=8 + NaCl 0.5 M. La tlecha indica ¢l pico donde cluye la cadena A.
Gradiente: NaCl 0.5-1 M cn un total de dicz voliimencs de colummna, 1L.- Patrén clectroforético
cn pgel no desnaturalizantc de  poliacrilamida. Carrtles  [-3: fracciones dc  protefnas no
adsorbidas; carriles 4-6: fracciones cluidas con la solucién buffer de cquilibrio; carril 7:
cstandar de cadena A de insulina porcing; carriles 8 y 9: fraccionces del pico cluido entre 30

y 40 mi; carril 10: muestra icial.
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Fipura 10. L- Purificaciéon cromatogrifica dec 5 ml de una muestra péplidica tratada con

|

bromuro de ciandgeno, cn una columna con 2 ml de soporte preparativo Macro-Prep 50 Q.
Sc utilizé un flujo lincal de 38 cm/h, equilibrindo con una solucion buffer compuesta de
Tris/HCL 50 mM pH=8 - NaCl 0.5 M. La clucién sc realizd en un solo paso con solucion
buffer de cquilibrio 4+ NaCl | M. La flecha indica la fraccion donde Lt cadena A de insulina
eluye. IL- Patrén clectroforético cn gel no desnaturalizante de poliacritanuda. Carril 1: muestra
inicial; carriles 2-4: fracciones de proteinas no adsorbidas; carriles 5-7: fracciones de proteinas
cluidas con la solucion buffer de cquilibrio; carril 8: muestra del pico principal cluido; caril
9. fraccion obtenida despucs de la clucion del pico principal; curil 10: estandar de cadena A

de insulina porcina.
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CONCLUSIOMES Y PERSPECTIVAS

Zn nuestro laboratorio hemos loprado fa produccion de insulina humana asociando los
péptidos A y I3 constituyentes, producidos cn J. coli por ingenicifa gendética, Con ¢l propdsito
oli W3L10 trpr (pNE2LB),

definiéndose las condiciones de crecimiento ¢ induccidn con las cuales se lograra alcanzar

de escalar esta teenologia, se caracterizd el sistema de expresion B, ¢
una biomasa clevada, una baja pérdida de plismido y finalmente un alto nivel de Ia protefna
hibrida cl-cadena B, Ls importante scitnlar que no existian datos publicados sobre la utilizacion
de una cepa frp” para la expresion de genes heterdlogos controlados por el promotor _ljjp_. Iin
cuftivos tipo lote alimentado en la cscala de operacion de 0 litros, Ta concentracion celular
final alcanzada fué de 20 g/l peso sceo, y el porcentaje de la proteina hibrida cl-cadena B
ch reiacion a la proteina total celular correspondio al 11%. Por lo tanlo se obluvo una
concentracion final de la protefna hibrida de 1.2 g/l Una sexta parte de la proteina hibrida
corresponde a Ju cadena B de insulina, por lo tanto podrfan recuperarse hasta 2 g de csie
péptido de una fermentacion de 10 litros. Los valores alcanzados para cstos tres pardimetros
son similares a los reportados por otros grupos que trabajan con sistemas para lograr un alto
nivel de expresion de protefnas recombinantes (Gold, 1990; Yansura y Henncr, 1990). Lste
praceso fermentativo ademds presenta la ventaja de ser ficilmente escalable y de no requerir
un inductor quimico. |

Ll método cmpleado para la purificacién de la cadena B de insuling, permite el
procesamiento de 26.4 g de proteina por lote, recuperdndose el 95% de Ia proteina aplicada,
Asimismo, utilizando cromatoprafiu de intercambio idnico, sc definicron las condiciones para
lograr la purificacion de la cadena A de insuling. Con cste método, cn una columna de 2.5
x 20 cm cmpacada con resina preparativa, cs posible obtencr 0.5 g de cudena A purificac,
por litro de resina por hora. Una caracterfstica importante de cstos dos mctodos de
purificacion, es que pucden ser transferidos a escalas mayores fdcilmente. Ademds, las cadenas
A y B purificadas con cstos métodos, han sido asociadas in vitro, obtcniéndose insulina
humana (Cruz ct al,, 1992).

Como sc menciond previamente, ¢l proceso fermentativo desartollado puede ser aplicado
para ¢l crecimicnto de cepas portadoras de otros genes bujo cn control del promotor tip. El

proceso ha sido cmpleado también con ¢xito con la cepa L. coli W3L10 lep” transformada con
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cl plismido pNI2ZTA, productora de la protefa hibrida cl-cadena A (datos no mostrados).
Por otro lado, sc ha iniciado el escalumicnto del proceso a 100 litros en Ta Planta Piloto

del Instituto de Bioteenologia, empleando v copa . coli W3LI0 g (pNE21A). Se alcanzo
ciun primer experimento en cultivo tipo lote, una densidad celular, de 9 /1L peso seco y un
nivel de Ta proteina hibrida que corresponde al 12% de Ja proteina total celulae equivalente
a (.59 /L. Por lo taato, en esta fermentacion se produjeron 59 ¢ de protefna hibrida cl-cadena
A, donde la cadena A representa ¢l 10%, equivalente a 5.9 p. Isto demucstra que ¢l praceso
fermentativo tipo lote es suceptible de ser transferido a una cscali mayor. Posteriormente sc
escalard a 100 liros ¢l cultivo tlipo lotc alimentado, esperdndose un  meremento  en
productividad al compararlo con ¢l cultivo tipo lote, tal como ocurrid en la escala de 10 litros.

Al integrar los métodos para la fermentacion de las cepas recombinantes y fa purilicacion
de las cadenas A y B de insuling, con los procesos y operuciones para la recuperacién y
procesamicnlo de Ja biomuasa y las proteinas hibridas, s¢ constituye una tecnologia para la
procluccion de insulina humana por téenicus de DNA recombinante. Actualmente la teenologia
estid siendo translerida a nivel Planta Piloto y se estidn determinando los rendumnientos para fos
procesos y opceraciones que la constituyen.

Recientemente se ha iniciado un proyecto para producic insulina humana a pactir de
proinsulina. Utilizando los resultados presentados en esta tesis, se trabaja cn el desarrollo de
condiciones de escalamicnto para la produccion de proinsuling humana. Bl pene que codifica
para proinsuling humana ha sido fusionado al gene TrplE de L. coli. Este gene hibiido sc
encucntra bajo control del promotor tep (Qlimos ct al., 1993). Por lo tanto, con cste sistema
sc espera tener resultados similares @ los obtenidos con los sistemas de produccion de fas

cadenas A y B de sulina humana.
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Summary. Fermentation conditions were developed in order to achieve simultancously a
high biomass concentration and high-level expression of a hybrid cI-human insulin B
peptide gene. In our system, this hybrid gene is under control of the E. coli trp

promoter, in a trp’ derivative strain of Escherichia coli W3110. The dual role of

.

tryptophan concentration on cellular growth and hybrid gene regulation, was studied in
10 1 batch fermentations. In the best batch conditions, a biomass concentration of 12 g/l
dry weight can be obtained, and 0.53 g/l of cl-insulin B hybrid protein is produced.
Tryptophan in the culture medium is consumed by the growing culture, until a level is
reached that causes induction of the hybrid gene. Plasmid loss was detected, as only
62% of the cells rctained the recombinant plasmid. In order to increase the hybrid
protein production level, a fed-batch culture strategy was developed wherc'thc specific
growth rate of the cells was restrained; using the same amount of nutrients as in the
batch fermentations, it was possible to increase the final biomass concentration to 20 g/l,

plasmid-bearing cells in the population to 90% and recombinant hybrid protein to 1.21

g/l

Introduction

Recombinant DNA technology has permitied the development of microorganisms

with improved or new biosynthetic capabilities and a clear example is the production of

heterologous proteins in Escherichia coli. However, laboratory-scale procedures are

generally not applicable to larger scale; therefore, specific production strategies must be



devcloped.

There are three main factors which may influence the productivity of a particular
recombinant fermentation: plasmid stability, induction of the specific gene(s) and final
biomass concentration. These factors have a limit imposed by the genetic characteristics
of the recombinant plasmid and the bacterial host; however, they can be optimized by
.lhe manipulation of the culture conditions (Zabriskie and Arcuri 1986).

Several strategies can be followed to favor the growth of plasmid-bearing cells over
the ones that have lost the plasmid, and one of them is the use of selective methods for
plasmid maintenance, such as antibiotic resistance. This strategy alone, however, may not
be sufficient for the maintenance of a purc plasmid-bearing population (Pierce and
Gutteridge 1985). Other strategy is the reduction of cellular specific growth rate (),
which generally increases plasmid copy number, and therefore a reduction in the
frequency of appearance of plasmid-less cells (Koizumi et al. 1985; Seo and Bailey.
1985; Seo and Bailey 1986; Lee et al. 1989).

In E. coli, the tryptophan operon regulatory region has been widely used for
heterologous gene expression, since it possesses a strong promoter that exhibifs a low
basal expression Jevel under repression conditions. The culture strategy commonly
employed to achieve an adequate induction for this promoter, consists of maintaining
repression until the late logarithmic growth phase, and then inducing the promoter by a
severe reduction of the tryptophan intracellular pool (Mizukami et al,, 1986). The most
commonly used method at the lgboratory level, jnvolves a 25-50 fold dilution of the
culture in minimal medium, and the subsequent addition of indole-3-acrylic acid (IAA)

as the inducer (Yansura and Henner 1990).



To obtain a high cellular concentration is an important objective for most
fermentation processes. At least two factors usually limit the attainment of a high cell
density in a fermentor: an oxygen uptake ratec higher than the oxygen transfer rate of the
equipment, and the production and accumulation of growth-inhibiting metabolites by the
cells in the culture (Paalme ct al. 1989). Several strategics have been cmploycci to
overcome these problems, such as the use of pure oxygen for sparging (Shiloach and
Bauer 1975), cross-flow filtration to remove inhibitory metabolites (Lee and Chang 1990)
and reduction of oxygen consumption through limitation of specific growth rate (Cutayar
and Poillon 1989; Gleiser and Bauer 1981; Lee et al, 1989; Paalme et al. 1989;
Zabriskic and Arcuri 1986).

We have previously reported a process for the production of human insulin, where
the A and B peptides are independently synthesized in two E. coli strains, purified, and
associated in yitro to produce active insulin (Balbds et al. 1988; Cruz et al. 1990; Cruz
et al. 1992). To transfer this laboratory-level process to a larger scale, we decided to
develop as a first stage, @ 10 1 pilot plant-scale fermentation process, which could be
further scaled-up. In this study we report the characterization and use, under different

fermentation conditions, of an E. coli W3110 trp’ strain, for the expression of a trp

promoter regulated recombinant heterologous gene. By limiting specific growth rate in a
fed-batch culture, we have been able to obtain 1.2 g/l of the hybrid protein. Induction of
the up promoter is accomplished by depletion of tryptophan in the culture medium by |

growing cells.
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Materials and methods

Bacterial strains and plasmids.

| A trp derivative of E. coli strain W?;HO, was obtained from C. Yanofsky. Plasmid
pNF21B was constructed in our laboratory. It contains a hybrid gene, under control of
the up promoter, that codes for a 21,992 Da hybrid protein carrying the first 156
aminoacids from the lambda cI repressor joined by a methionine residue to the human

insulin B chain, This plasmid, a 3970 bp derivative of pBR322 (Bolivar et al. 1977),

contains the gene that codes for the B-lactamase enzyme (Flores et al. 1986).

Media, inoculum development and growth_conditions,

Composition for the inoculum medium (INO) was as follows: 3 g/l of K,HPQO,, 3 g/l

of Nall,PQ,, 3 g/l of MgSO, 7H,0, 0.5 g/l of (NH,),HPO,, 3 g/l of glucose and 5 g/l of

yeast extract. The initial pH of this medium was adjusted to 7.4 with NaOH. Medium
for batch fermentations (FEM) is similar to the INO medium with the following
differences: 66 g/l of glucose and 17 g/l of (NH,),HPO,. Unless otherwise indicated, in
all fermentations, 100 pg/ml of ampicillin, 25 pg/ml of thiamine, and 20 mi/l 6f the
following trace clement solution were added to the culture media: 0.1 g/l of

CaCl, 2H,0, 0.02 g/l of CuCl, 5H,0, 0.1 g1 of CoCl, 64,0, 0.2 gl of FeSO, 7TH,0,

0.1 g/l of MnSO, 5H,0, 0.1 g/l of ZnSO, 7H,0 and 0.01 g1 of NaMoO, 2H,0. .

Inocula were prepared as follows: Single colonies of the W3110 trp™ strain transformed

with plasmid pNF21B and plated in L-broth (10 g/ uyptone, 5 g/l yeast extract and 5

g/l NaCl) plus ampicillin, were used to inoculate 2 | flasks containing 1 1 of INO

e ————— . .



medium plus 100 pg/ml of trp and ampicillin, and were grown for 14 hr, at 30 °C at
200 rpm, |

Batch and fed-batch 10 1 cultures were performed in a 14 1 Microferm fermentor
from New Brunswick Scientific. For batch fermentations, a 10% inoculum was used in
FEM medivin. At the moment of inoculation, ampicillin was added to the fermentor; the
antibiotic was supplied every two hours as indicated in the figures.

For fed-batch fermentations, a 10% inoculum was used in FEM medium without
glucose and (NH,),HPO,. 2 1 of a sterile nutrient solution composed of glucose (330 g/l)
and (NH,),HPO, (85 g/1) were continuously fed to the fermentor immediately after

y

inoculation, following a precalculated feeding rate to maintain an approximately constant
specific growth rate of 0.2 h'. These nutrients were fed in order to maintain a constant
low level and avoid possible acetic acid accumulation or growth inhibition due to high
ammonium ion concentrations (Paalme et al. 1989; Thompson et al. 1985). An average
cellular ‘growth yield on glucose of 0.3 g cells/g glucose was used to calculate the
nutrient solution feed rate. To maintain a constant 10 1 volume, culture broth was
periodically removed from the fermentor. Ampicillin and tryptophan (100 pg/ml) were
added every two hours uatil the 8th hour. |

The following conditions were used for batch and fed-batch fermentations:
temperature 37 °C; pH regulated at 7.4 with NaOH 10 N; D.O. maintained above 20%;

air flow 1 VVM; silicone antifoam was added as neceded.



Analytical methods

Tryptophan concentrations were determined by measuring fluorescence emission at
370 nm in a LTC/Milton Roy fluoro, Monitor III (Riviera Beach, FL). Glucose was
assayed enzymatically with a Glucose Aﬁalyzcr 2 from Beckman Instruments (Fullerton,
CA). Cell concentrations were determined by measuring the optical density of a diluted
culture sample at 540 nm and comparison with a standard curve obtained by dry weight
determinations. Drying was performed at 80 °C to constant weight. The optical density
unit was equivalent to 0.4 g dry weight/l.

Hybrid protein levels were measured by subjecting samples taken from the fermentor
to denaturing 6% SDS-PAGE, and the resulting protein band patterns quantified with a
Biomed Instruments Inc. soft laser densitometer SCR-2D/1D (Fullerton, CA). From this
analysis, the percentage of hybrid protein from the total cellular protein was determined.
To calculate the amount of hybrid protein produced, it was considered that 55% of the
cellular dry weight of E. coli W3110 cormresponds to cellular protein, as determined using
the method reported by Lowry, with bovine serum albumin as stindard (L_owry et al.
1951). |

The fraction of plasmid-bearing cells was determined by parallel plating diluted

samples on nonselective L-broth plates and selective L-broth plates with ampicillin (100

pg/ml).
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Results and discussion

Effect of tryptophan concentration on_growth and hybrid protein

production in batch cultures,

In order to study the relationships between tryptophan concentration in the culture
medium, expression of the cl-insulin B peptide hybrid gene and cellular growth, we
carricd out batch culture experiments with different tryptophan concentrations.

In our system [E. coli W3110 trpr (pNF21B)], tryptophan plays the double role of
corepressor for the expression of the hybrid gene and metabolite requirement for the up’
auxotrophy. For induction of the hybrid gene, a low tryptophan level is necessary, but
this may be detrimental to the growth of the bacterial host. Therefore, the objective of
the batch culture experiments was to determine the initial tryptophan concentration where
the highest productivity of hybrid protein could be obtained.

The conditions studied differed only in the concentration of tryptophan in the culture
medium. Figure 1 shows the biomass and tryptophan concentration proﬁleé for the four
conditions studied. It is important to ackndwlcdgc that in the FO culture, where no
cxogenous tryptophan was added, the initial level of tryptophan is approximately 30
pg/ml; this amount, derived from the yeast extract, is also present in the other culture
conditions. Cultures F1, F1.5 and F2 reached similar cellular concentrations (X), after 14
hours of growth: 12, 12 and 13.9 g/l respectively. The specific growth rate was

considerably reduced in the FO after 10 hours, reaching a cellular concentration of 6.7 |

g/l, so it was possible to infer that the amount of tryptophan in FO becomes limiting at



the final stage of this culture.

Table I summarizes different paramecters and results from these four culture
conditions. Cultures F1 and F1.5 contained the highest percentage of cl-insulin B peptide
hybrid protein (H), whereas culture FQ, pfoduced around half of that amount, and culture
F2 contained a very low level of hybrid protein. The low tryptophan conccn_lmtioh in
culture FO not only caused a reduction in cellular concentration, but also reduced the
amount of hybrid protein produced. A possible explanation for this low productivity, is
that tryptophan deficiency which limited growth, also restricted protein biosynthesis.
Culture F2 rcached the highest cellular density; however, the high level of tryptophan in
the culture medium repressed transcription of the hybrid gene and therefore, only a very
small amount of hybrid protein was detected, as a result of the basal level of expression
of the hybrid gene.

When the percentage of plasmid-bearing cells in the culture was determined for the
four conditions studied, it was observed that samples taken at the start of the
fermentation contained the expected number of colony forming units (cfu) (approximately
2 X 10° cells/ml for every unit of optical density at 540 nm) when plated in non-
selective media. However, samples from the late logarithmic growth phase, contained a
lower number of cfu (cells/ml) as follows: condition FQ, 0.6 X 10% F1, 0.2 X 10% F1.5,
0.2 X 10% F2, 1.0 X 1¢°. These differences can be explained considering that upon
induction of the heterologous gene and the subsequent intracellular accumulation of the |
hybrid protein, some cells arc unable to grow and form colonies when plated on
selective or non-sclective media (Fu et al, 1992), Considering that the difference

between samples taken before and after induction of the hybrid gene correspond to
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plasmid-bearing cells, the values for the percentage of plasmid-bearing cells in the
cultures were corrected. These results indicate that expression of the hybrid gene is an
unfavorable physiological condition for cell growth, and that this effect is proportional to
the level of induction, which depends on ~thc level of tryptophan in the culture medium,
The high level cxpression of the hybrid gene leads to a growth disadvantage of “the
plasmid-bearing cells, causing plasmid-less cells, already present in the culture, to
overgrow them. F2 qullurc however, which did not exhibit induction, also presented a
proportion of plasmid-less biomass at the end of the fermentation. Therefore, this
alteration is possibly favored by the constant basal level of cxpression from the hybrid
gene.

The previous data indicate that if a high biomass concentration is desired, tryptophan
must be added to the culture media for adequate growth of this E. coli trp’ strain.
However, a very high tryptophan concentration, as shown by the results obtained in the
F2 condition, resulted in no product formation due to hybrid gene repression. It is
important to point out that in F1 and F1.5 cultures, the tryptophan level is low enough
to cause induction, but it is still sufficient for adequate protein synthesis and cellular
multiplication in this trp’ strain,

Fermentation kinetics for the best hybrid protein producing conditions (F1) are
presented in Figure 2. After 12-14 hours of fermentation, the culture entered into
stationary phase, reaching a cellular concentration of 12 g/l. There are several poSsiblc
explanations for this growth arrest; one of these is that it could be caused by the
accumulation of acetic acid or other growth-inhibiting metabolites, since 9 g/l of gl.ucosc ,

were still present in the culture medium; the calculated final cell yield on‘glucosc (Y,

10



was 0.21 g cclls/g glucose, and the product yicld on glucose (Y,,) was 0.009 g hybrid
protein/g glucose.

In thié fermentation, 100 pg/ml of tryptophan were added at the moment of
inoculation. As shown in Figure 2, there was an initial consumption of the aminoacid by
the inoculum, since the concentration at time zero is 63 pg/ml. After 5.2 hours of
growth when tryptophan concentration value was 32 pg/ml and biomass concentration
was 3.1 g/l, induction of the hybrid gene was detected. Figure 3, panel A, shows the
clectrophoretic pattern of a sample obtained from this fermentation after two hours of
inoculation, From the densitometric scanning, it can be seen that a very small amount of
the hybrid protein is present before induction (0.8% of the total cellular protein). This
band is not detected at the moment of inoculation (data not shown), but only after 1-2
hours of growth. The presence of hybrid protein before induction, indicates a basal level
of expression from the hybrid gene. Panel B, shows the electrophoretic pattern and the
corresponding densitometric scanning of a sample taken after 14 hours of growth. The
amount of hybrid protein represents in this case, 7.9% of the total cellular protein (see
Table I).

The percentage of cells containing recombinant plasmid in this fermentation is also
presented in Figure 2. Starting from a proportion of plasmid-bearing population to total
biomass (X%*) of 100%, this value decreases to 62%. From these data, it is evident that
during this fermentation, most of the time there is a mixed culture with plasmid-bearing |
(XY and plasmid-less cells (X). These results also indicate that under the conditions
studied, ampicillin is only partially effective as a selective agent, even though it was

added five times up to the 8th hour.

11
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When the hybrid protein level of the plasmid-bearing fraction of the culture is
calculated (H)), the value reached 12.7% [sec Table I, section (a)]. This is about half of
the highest hybrid protein level reached with our production system (H, value 20 to
25%), obtained with IAA induction (Yanéura and Henner 1990) in low cell concentration

(0.3 g/) in shake-flask cultures (unpublished results),

Effect of controlling glucose and (NI,),HPO, concentrations in fed-baich cultures on

biomass concentration, plasmid loss and hybrid protein production

In order to increase the quantity of the cl-insulin B hybrid protein obtained in batch
fermentations, we developed fermentation conditions that would provide simultaneously a
high proportion of plasmid-bearing cells, a high final biomass concentration and a good
induction level of the hybrid gene. A fed batch process was chosen where a
precalculated feeding strategy for both the carbon and inorganic nitrogen sources was
employed. The feeding rate was calculated to maintain a p lower than 0.2 h* throughout
the fermentation, in order to reduce plasmid loss, oxygen consumption and accumulation
of growth limiting metabolites. Using these conditions it was expected to obtain a higher
production of the hybrid protein and a higher cellular concentration than those produced
in batch cultures (Paalme et al. 1989; Seo and Bailey 1985).

Figure 4 shows the fermentation kinetics for a typical fed-batch culture of the E.
coli W3110 wp' (pNF21B) strain. After inoculation, feeding of glucose and (NH,),HPO,

was started. Tryptophan (at a final concentration of 100 pg/ml) was added five times

12
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simultancously with ampicillin, since a single addition of the aminoacid resulted in a low
induction of the hybrid gene (data not shown). After 24 hr of growth, a cell density of
20 g/l dry weight was rcached, then the culture entered stationary phase (data not
shown). Throughout the fermentation, glucose concentration remained below 1 g/l

From culture times 2 to 8 h, a basal preinduction level for the hybrid gene ‘was
detected, with an average H value of 1.7%. At the cighth hour, when the tryptophan
concentration reached 350 pg/ml and X reached 3.2 g/l, induction of the hybrid gene
was detected. In this culture, the final hybrid protein level reached 11%, that represents
a concentration of 1,21 g/l (see Table I).

In this fermentation the cfu values from samples taken from the late logarithmic
growth phase were 21% lower than the values of cfu from a sample taken at the
beginning of the fermentation. Considering these data, the final X%* value was
calculated to be 90%, confirming that the slower growth rate, when compared to a batch
fermentation (see Figure 2), reduced considerably the proportion of plasmid-less cells. It
is important td remark that the amount of ampicillin added to the culture was the same
as in the F1 batch culture conditions. |

Table I section (b) shows a comparison of rclevant production parameters between
batch F1 and fed batch fermentations. Most of the parameters related to biomass
concentration, product concentration and yield values are higher in the fed-batch than in
the batch fermentation. A 2.28 fold increasc in P over the best batch fermentation
conditions was achieved. The objective of significantly increasing P was accomplished
cven though H, from the fed-batch culture was similar to that of the F1 batch condition,

since the final X and X%* were higher. It is important to remark that these results were

13
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obtained by wusing an equal amount of nutricnts in both batch and fed-batch
fermentations, with the exception of tryptophan which was higher in the fed-batch
fermentations in order to compensate for the higher biomass produced. It can also be
observed that the fed-batch strategy followed and the slower specific growth rate, caused
a more efficient utilization of the carbon source, resulting in higher yields for biomass
and recombinant protein.

This work shows that high levels of a recombinant protein can be produced in an E.
coli op strain. The use of this strain allows efficient induction of the trp promoter, due
to the consumption of tryptophan by the cells in the culture medium. In this system,
chemical inducers like indole-3-acrylic acid are not required.

The results presented also demonstrate the benefits of restricting the specific growth
rate through the limitation of nutrients in order to increment the final biomass, a higher
proportion of plasmid-bearing cells and a final higher concentration of the recombinant
hybrid protein per liter, when compared to batch fermentations in similar conditions.

Adequate manipulation of growth conditions through the use of a fed-batch
fermentation, allowed this trp” E. coli culture to produce 1.21 g/l of an heterologous
hybrid protein as part of a final biomass concentration of 20 g/l. One sixth of the hybrid
protein corresponds to human insulin B chain, so at the end of a 10 liter fermentation 2

g of this peptide can be recovered. An important characteristic of this process is that it

can be scaled up easily. This strategy also avoids the use of costly elements to

implement methods for large scale fermentation induction. This culture system can also

be applied to achieve the expression of the hybrid genes cl-A chain and cI-l.luman,

proinsulin, controlled by the &p promoter, to obtain the hybrid proteins cI-A chain and

14
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cl-human proinsulin (data not shown). The production of the cl-A chain and cI-B chain
hybrid proteins represents the first step in a process using purified A and B peptides for
the production of human insulin (Goeddel et al,, 1979).

Finally, we believe it is possible to further incrcase the productivity of this system,
if a higher cell density is attained by using oxygen-enriched air for sparging (Fass et al.
1989), removing growth inhibitory metabolites by ultrafiltration (Lee and Chang 1990),

using computer control (Paalme et al. 1989), or combinations of these strategics.
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FIGURES

Figure 1.-Growth in FEM medium of E. coli W3110 up (pNIF21B) under batch culture
conditions, supplemented with different amounts of tryptopban. Biomass final
concentrations are presented by solid lines and tryptophan concentrations by dashed lines:
FO.- FEM medium without added tryptophan, Fl.- FEM medium plus 1 g/10 1 of
tryptophan added at time 0, F1.5.- FEM medium plus 1.5 g/10 1 of tryptophan added at
time O and F2.- FEM medium plus 1 g/10 1 of tryptophan added every two hours five

times, starting at time 0. Arrows indicate ampicillin (100 pg/ml) addition.

Figure 2.- Fermentation kinetics of F1 batch culture of E. coli W3110 gp' (pNF21B) in
FEM medium. Biomass (O), cl-insulin B hybrid protein (&), glucose (o), tryptophan

(O) and plasmid-bearing cells levels (---) were determined. Arrows indicate addition of"

_. ~ ampicillin (100 pg/ml).

Figure 3.- SDS electrophoretic patterns and corrcsponding laser densitometric scans of
total proteins from samples of an F1 batch culture of E. coli W3110 gp (pNEF21B). The
arrow indicates the position of the band corresponding to the cl-insulin B hybrid
protein, Panel A: sample taken after 2 h. Panel B: sample taken after 14 h. Molecular
weights in kDa are indicated at the side of the protein electrophoretic pattern.

Absorbance units are indicated at the top of the densitometric scan.

19



Figure 4.- Fermentation kinctics of a fed-batch culture of E. coli W3110 tp (pNEF21B).

Biomass (0O), cl-insulin B hybrid protein (&), tryptophan () and plasmid-bearing cells
(--) levels were determined. Arrows indicate time of simultaneous addition of ampicillin

(100 pg/ml) and tryptophan (100 pg/ml).
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Fable 1. (n) Effect of tryplophan concentratlon” on baich fermentation parameters; (b) comparison between fed-batch and

1 batch fermentations.

Biomass (g/)

Plasmid-bearing population (%)
Plasinid-less population (%)

Ratio of hybrid prolcin 1o total

ccllular protein of total biomass (%)
Ratio of hybrid protcin to total cellular
protein of plasmid-bearing biomass (%)
Final hybrid protein concentration (g/l)
Total culture time (h)

Duration of growth phase (h)

Duration of induction phase (h)

Cell yicld from glucose (g cells/g gluc.)
Hybrid protein yicld from glucose (g hybrid/g gluc.)

* Tryptophan concentrations used: 190, FEM medium without ndded tryptophan; F1, FEM medium plus 1 g/10 1 of iryptophen added at time O; F1.5, FEM

medium plus 1.5 g/10 | of wyptophan added at time 0 and F2, FEM medium plus 1 g/10-1 of tryptophan added every two hours five times, stanting at

time Q.
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10.6
0.46
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10

11

12.2
1.21
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ABSTRACT

A simple method has been developed for the analytical and preparative
purification of human insulin B chain from recombinant origin. Three
solvent systems: acetonilrile, isopropanol and melhanol, were sludied to
determine their capacity 1o resolve the insulin B chain from a mixlure of

cyanogen bromide generated baclerial peplides. Using a pBondapak
C18 column, it was possible to resolve the insulin B chain in 3ill three
syslems. On a prepsrative scale, using a PrePak 500 C18 column with

the isopropanol system, il was possible to purify insulin B chain and lo
obtain a 95% prolein recovery.

INTRODUCTION

Biosynthetic human insulin oblained by recombinant DNA techniques,

‘represents a safe and imporiant source of insulin f{or the treatment of

1517
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insulin-dependent diabelics. Since injection is at this lime one of the few
methods used for the administration of pharmaceutical proteins, the
purification processes  for these polypeptides must be designed to meet
the stlringent requirements of purity for solutions lo be injected (1).

In the design of the recuperation procedure for a protein product,
a number of parameters should be considered. These include the degree
of purity desired, the physical and chemical properties of the product and
its contaminants, and finally their cellular localization, for they may Dbe found
either in the cyloplasm, the periplasm or the growth media.

A purification process is usually a cascade of unitary operations, some
of which may be repealed several times. Unfortunately, there is a loss
of product in eack operation and these losses grow geomelrically with each
step. For this reason, it is important to increase the yield in each step,
or decrease the number of steps required (2).

The scale-up of 3 purification process from laboratory to pilot plant
is nolt 3 direct process. It requires the knowledge of the physicochemical
behavior of the product and its contaminants. Also it should be considered
that the procedures used in the laboralory-scale purification process are
not aiways convenient in other scales (3).

The method reporied here for the purification of human insulin B chain
from a Dbacterial peptide mixture, is based on the use of ion pair forming
agents (4). in this case, formic acid and triethylamine were chosen  since
they modify the relention limes of the peptides 1o be purified, allowing the
resolution of human insulin B 'chain.

The criteria considered to develop this method were: capacily to purify
the human insulin VB chain from maest of the bacterial contaminant peplides,

low cost, flexibility for scaling up and the use of a volatile solvent system.

HUMAN INSULIN B CHAIN 1519

MATERIALS AND METHODS

High Performance Liquid Chromaltography

Eguigment.

Analytical chromatography was performed using the {ollowing equipment
from Waters: M-45 and M-590 coivent delivery systems,® automated gradient
controller, U6K manual injector, Z module radial compression separation system
and a M-#31 L.C. spectrophotometler. Also, an OmniScribe recorder from
Houston Instruments was ulilized.

The preparative chromatography was performed using the Prep LC/S5Sysiem
560 A Liquid Chromatograph from Waters with a M-481 L.C. speclrophotometer
with a preparative cell, and the OmniScribe recorder f{rom Housion
Instruments.

The columns used were: a pBondapak C18 carlridge (8 mm x 100
mm) f{rom Waters, a metallic column (4.6 mm x 130 mm) packed with T gram
of Pre-Ci8 preparative packing, and a PrepPAK 500 Ci8 cartridge {57 mumi

x 300 mm) from Walers.

Reagenls

HPLC/Spectro grade methanol, isopropanol, and acelonitrile from Merck.
Formic acid, sodium sulfite, urea and triethylamine from J. 7. Baker.
Cyanogen bromide and sodium tetrathionate from Sigma Co. Guanidinium
chloride from Pierce. Insulin B chain derived from porcine {Sigma 1-3535)

was used as a siandard.

Polyacrilamide Gel Electrophoresis (PAGE)

Slab gel electrophoresis in the presence of sodium dodecyl suifale was

performed as described by Laemmli (5).
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Isolation and Purification of Inclusion Bodies

The method used was the one reporled by Flores et al. (6).

RESULTS AND DISCUSSION

Gur group has reported the construction of a recombinant plasmid
where the human insulin B chain is produced as the carboxyl terminus of
a fusion protein with the amino fragment (rom phage lambda cl protein.
This hybrid protein is aggregated intracellularly as inclusion bodies, which
after cell lysis are purified by a simple differential centrifugation step (6).
The inclusion bodies are diss.otved in 70% formic acid and treated with
Cyanogen bromide lo release the insulin B chain (7). The formic acid is
evaporated and the bacterial peplide mixture is dissolved in 8M guanidinium
chloride. Sodium sulfite and sodium telrathionate are added to protect
sulfhydrile groups in the B chain from final oxidatlion, transforming them
o sulfonate radicals or Bunte salts (8,9). The peptide mixiure is dialysed,
and wurea is added lo 8M. The resulting solution is diluted 1:1 with 5% formic
acid, prior to HPLC.

Three analytical systems for the HPLC SEparalio;n of human ins.u!in
B chain  were studied. In all of them, Lhe stationary phase employed was
a pBondapak C18 cartridge {B mm x 100 mm} with a particle size of 1op.
The mobile phase used in the three syslems was an organic solvent and an
aqueous buffer A conlaining reagents which form ion-pairs. Buffer A
was composed of 2.5% [formic acid and 15mM Lriethylamine. Table 1 shows
the proportion of organic solvent for each system in the equilibrium
and elution buffers, as well .as Lthe retention times for porcine insulin
B chain used as a standard in all systems. in all cases flow rate used
was 1 ml/min.

In the syslems studied, elution was carried oul in two $teps:

equilibrium and elution (isocratic). This alternalive was seleclted since it

HUMAN INSULIN B CHAIN

TABLE |

Summary of Solven! Systems and the Retention Times (r1} for Porcine lnsulin
B chain Utilized as a Standard*.

(a) (b) - {q) {d)

yBondapak CI18 Anaijytical

column cofumn
with C18
preparative
packing
% organic % organic
ri{min} rt{min} equilibrium elution
2
System | (Acetonitrile) 17.04 17.04 30:;, ;gf
System 11 (lsocpropanoi) 18.02 17.60 27: 70{
System 111 (Methanoi} 18.30 17.40 60%

* Retention limes for porcine insulin B chain subjeted to HPLC in  syslems
I, 1l and i1t utilizing {a] a pBondapak Ci8 and _(b) an analylical column
with preparatlive packing. The proportion of organic solvent for caci: syslem
in the equilibrium and elution buffers is presented in lanes (c) and (d].

is easier to scale up than gradients systems. The equilibrium and the elution

phases were chosen so that their composition were similar, thus reducing

the time needed lo oblain the initial equilibrium.
As it can be seen in fig. 1, we were able to obtain a good separation
of insulin B chain from the peptide mixture using the iscpropanol solvent

system. Similar resulls were obtained with the acelonilrile and methanol

systems, (data not shown).
To scale up the analytical systems previously described, 3 metallic

column (4.6 mm x 150 mm) was packed with 1 gram of Fre-Ci18 preparalive

packing using a2 parlicle size of 55-105p. This experiment allowed the

determination of the effect of the particle size on the resolution of the peptide
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Figure 1. Analytical reverse-phase chromatography of the cyanogen
bromide treated inclusion bodies containing the human insulin B chain.
A 50 pg peptide sample was passed through a pBondapak C18 column,
with a flow rale of | mi/min. The position of insulin B chain in the
chromatogram is indicated with an arrow. The huffer system used
for the purification was: {A) HCOOH 2.5%, TEA 15mM; (3) isopropanol.

Equilibrium: 27% B, 10 min; elution: 30% B, 10 min. Detection: 280 nm,
0.05 AUFS.

mixture, and the prediction of the mass load capacity for a farger column
with the same packing. The conditions used were the same as for the
analytical systems.

As il can be seen in figi. 2 panels 1, H and Il!, the resolution of the
peptide mixture diminishes as compared lo the analytical system (lig.
1}, due to the increment in the packing particle size. However, this
decrement in resolution did not affecl the objetive of the experiment since
retention times for the indicaled peaks in fig. 2 are similar to those obtained
with porcine insulin B chain used as a standard {see Table 1}. Polyacrilamide

gel electrophoresis of the peaks marked with arrows in fig.

-
HUMAN INSULIN B CHAIN 1523
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i ical chromatographic purification of human insulin B
lc:;:-:];i’r:? z.A Ar:\!z::'se-phase chror?:atography using an analytical s!;e rlnela:h;
column wilh preparative packing of 100. g of lhe‘ cyanogen b_roml e re;a :;n
peplide mixlure conlaining the insulin B chalrf-polypeplldséogﬂszosq
in panels 1, Il and lIl. Panel 1, buf‘!’er composition: {A:l OO r-.33.,;’
TEA 15mM: (B) acetonitrile; equilibrium: 30% B, 10 min; elution: v?
B, 19 min. Pane! 1I, buffer composition: (A) - }_lCOOH 2.5%‘, TE{\ ISmu,l
(é] isopropanol; equilibrium: 27% B, 10 min; elulion: 30% .B.BIO mlr:.hPir;::.
1it, buffer composition {A) HCOOH 2.5%, TEI‘\ 15mM; ( ) rm':t a d
equilibrium: 60% B, 10 min; elulion: 70?.. B, 10 min. The flow Fra e u_rs:;:]
in all systems was | ml/min. Deteclu.on: 280 nm, 0.02 AU_S. kz
position of the human insulin B chain in each chromatogram is marke

by an arrow.
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2 panels | to Il revealed a peptide band wich commigrates with the standard

(data not shown).

Since the resolution oblainad for insulin B chain is similar in all three

systems, all of them can be directly scaled up io a preparative level of
several grams, once the calculations for mass load capacily and flow rate
are performed. On the basis of cost, since this crilerion becomes important

once the purification process is scaled up, the isopropanol system was

selecled.

To determine the mass load capacity for a PrepPAK 500 C18 cartridge,
maximum load tests were performed in a metallic analytical column (4.6 mm

x 150 mm) with 1 g of CI8 preparative packing. The maximum prolein load

determined for this column was 35 ing. After each of the paramelers, such

as flow rate and time, were defined for the melallic column, the scale-up

proportiion was calculated using lhe following equation.
Cm= (R, 1 /(R}* x L,/L,

Cm= (28.5 mm} / (2.3 mm) x 300 mm/I50 mm= 307
where Cm is the mass of the sampie wilh known concentration: R, is the

radius of the larger column and L, its fength; R, is the radius of the

analylical column and L, its length. This calculation indicated that the

amount of material that can be subjected to chromategraphy in the large
column iy approximately 300 times the amounl of the analytlical column, and
lhis, in turn, indicates that 26.3 g of protein can be loaded per run.

Figure 3 panel | shows the chromatogram of a preparative run of 10
g of the bacterial peptide mixture on a PrepPAK 500 C18 cartridge {57 mm

x 300 mm}, using a flow rate of 100 ml/min in a Prep LC/System 500

A Liquid Chromatlrograph. The arrow indicales the position where

porcine insulin B chain is resolved. As it can be observed, the profile

obtained is similar lo the one described for the preparative packed column

(fig. 2, panel II). The material from the peak region "D" obtained in lh;is

1525
HUMAN INSULIN B CHAIN
* | b c
\ v %
OI’QB f :j;?
” L
b
17.5
D
E
Wi T
c 3 & 9 12 15 18 21 24
Time {(min)
I I
Figure 3 Preparalive chromatographic purificalion of human Insulin

{ the

B chain 1) Preparative reverse—phasg Fhromalograp::: i?afsuil?n gB c::hain.

ano et; bromide peptide mixiure containing the hum | i B e

;'\y Prgpak 500 C18 column utilizing the isopropanol sp_ver? [}:} A

used eamd the flow rate was 100 m!lmin.- 'gu.ffer czc:;:pog:lu::.nin‘ heoo!

M; (B) isopropanol; equilibrium: 5 B, : : ;

2'5?[)3' '11'05)\”:'51"1 Eget]ectior?: 280 nm, 0.1 AUFS5 using the sa::ilg geigga?;
iﬂi:h' a prc;pat.'ative ceil. The fraclions conlaining the Insu

letters "D" and "E". - ' ) .

n ';?\r(;(éd b}e;naiysis of preparalive HPLC pur;fn'zd human ":su“nri?iccz::?;:-

s A: 10 pg of cyanogen bromide peplide mgxlurc before pu '{'ca'ioni

tane B: 20 pg of cyanogen bromide peplide mixture before gurc:”l- lLam'z

Lane C: 20 pg of porcine pancreas insulin'B chain {stan -ar Lz'gne ne

Danes 1q of fraclion "D" from the preparative chromatogram; E:

i .pg oftg-aclion ngEY from the preparalive chromatogram.
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Figure 4. R _
desr"ived echromatography of a sample of material of fraction np»

from the preparative scale ificati i i
: purification of insulin B chain.
:ampée 12;’ 5 pl from fraction "D" {(fig. 3, panel 1) was passei;;’tll:-.rouqﬁ
HBondapak C18 column using the acelonitrile solvent system. Buffer

composition: (A) HCOOH 2.5%, TEA 15mM: itrile; ilibri
36% B, 10 min; elution: 33% B, 10 min. s (B acetoniirile; equitibrium:

purification was collected and a sample was passed through an analytical

BBondapak CI18 carlridge (8 mm x 100 mm) using the acetlonilrile solvent

system, Figure 4§ shows the chromstograph of this analytical run, where

a mayor peak is evident.

As it can be observed in fig. 3, panel Il, insulin B chain elules in

3 peak that PAGE analysis revealed to be highly enriched for this peptide.

Contaminant peplides are still present {fig. 3, panel I, lanes D and E)

bul in a3 much smaller proportion than in the unpurified mixture (fig

3, panel I, lanes A and BJ. These peptides, originaled mainiy from

the CNBr  hydrolysis of the cl carrier protein, however, they do

noel interfere with the associalion reaction between the insulin A and B

chains, and were eliminated in the HPLC purification of the correctly

asspcialed insulin molecules (data not shown) (6,10},

wn
[ 2]
~!

HUMAN INSULIN B CHAIN H

CONCLUSIONS

e

Starting with 100 g dry weight of bacterial pasle containing  20% af its
total protein as the cl-insulin B chain hybrid polypeptide, it is possible
{c ob;ain, approximately, 1.2 g of human insulin B chain after a four step
brocess: cell sonication, differential centrifugation [for the purification of
inclusion bodies, cyanogen br;omide treatment of the inclusion bodies (6]

and the preparalive HPLC chromatography described in this
communication. This process can be accomplished in four days, with 2 622
overall protein recovery.

The human insulin B chain oblained after the preparative HPLC
purification has been associaled with insulin A chain to produce active human
insulin (data not shown) (6,10). This purificalion method could be further
scaled up in order 1o process a larger amount of biological malerial, and

eventually be used in a process for the iarge scale production of human

insulin.
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Departamento de Biologia Molecular
Instituto de Biotecnologia
Universidad Nacional Auténoma de México
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ABSTRACT

A simple, selective and high capacity process is described
for the preparative purification of recombinant human insulin A
chain, wusing ion exchange chrematography. This process was
developed considering the particular physicochemical
characteristics of this peptide. We have found that the insulin A
chain binds strongly to the anionic exchanger Macro Prep 50 Q,
which permits the equilibration of the resin to an lonic strength
of 0.5 M RaCl. These conditions avoid the adsorption of most
contaminant components, thus incrementing the c¢apacity of the
support for the insulin A chain. Moreover, the process can be
easily automatized and scaled-up.

INTRODUCTION

Proteins produced through genetic engineering technology can
be used as active substances, because they are chemically and
biologically defined. Recent developments are focused to study
and modify proteins Lo change their specificity in order to

design new biological activities for industrial applications (1).
2311
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During the last decade, the development of the techniques for
gene 1isolation and expfession in different species, specially
bacteria, has offered great possibilities, and in principle,
today it 1is possible to produce a great variety of proteins.
However, in some cases the expression of heterologcus genes
presents some inherent factors which may become significative
obstacles for the production of proteins, such as the lack of
knowledge about the final structure and the final biolcgical
activity of the protein produced (2). This aspect has fundamental
importance for the development of purification processes, since
factors such as temperature, pH, shear forces, oxidation, etc.,
may affect the final biological activity of the product (3).

Since the purification of recombinant proteins represents
usually between 80-90% of the total cost of the process; it is
necessary to design efficient methodologies, in order to lower
the overall costs {4).

Typical purification processes for recombinant proteins from
E. c¢oli, require several chromatographic steps based on different
physicochemical properties, such as: hydrophobicity, affinity,
ionic exchange and gel permeation (1). As the number of steps
increase in a particular purification process, there is also an
increment in complexity, associated with higher costs and lower
yields. Therefore, it is important to develop purification
processes involving the fewest number of steps (5).

We - have reported the construction of recombinant hybrid
plasmids for the producticn of human insulin A and B chains in E.
coli. These peptides are expressed fused to a fragment of the
lambda cI repressor protein, and the in vitro association of the
peptide chains yielded active human insulin (6). In order to
scale-up these processes, it has been necessary to define the
procedures and equipment required to work at larger scales. For
these reasons, we have developéd chromatographic systems that
could be easily scaled-up.

Recently, we have reported the preparative purification of
recombinant human insulin B chain, u.sing HPLC (7). A sdmilar
procedure can be used for the isolation of the A chain; however,
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considering the singularities of this peptide, we have developed
an alternative, simpler and economical procedure; The insulin A
chain is composed of 21 aminoacid residues, most of them acidic.
Between them, there are four cysteine residues that when
transformed to S-sulfonates (A-(SS07,),), there is an increase in
the anionic character of the peptide and its solubility:; the
isoelectric peint of this oxidized form is 1lower than 2 (8}.
Therefore, in a 1lightly basic pH, this peptide 1is strongly
negatively charged. Beczuse of these features, it is expected
that insulin A chain may be purified using an anionic exchanger

in a moderately basic pH.

MATERIALS AND METHODS

Reagents

Formic acid, hydrochloric acid and sodium chloride f{rom
Baker. Urea from Merck. Trizma base, cyanogen bromide, sodium
tetrationate and sodium suifite from Sigma. Guanidinium
hydrochloride from Pierce. Porcine insulin A chain from Sigma (i-
3505) was used as a standard. Macro Prep 50 Q and Biogel P2 from
Bio Rad. Dialysis bags with a cutoff of 1000 Da from Spectrum.

Lysis buffer composition: 50 mM Tris, 0.1 mM EDTA and 1 mM B-

mercapteethanol.

Equipment

Buchi rotaevaporator. Ultrafilter DC 10 1 and a hollow fiber
cartridge with a filtration surface area of 0.45 and & cutoff
value of 100 kDa, from Amicon. Manton Gaulin Homogenizer from
Gaulin Corperation. Static centrifuge from Beckman. Columns 1 X 5
cm and 2.5 x 20 cm with adaptable pistons, fraction collector
with UV detector and recorder from LKB. Masterflex peristaltic‘
pump from Cole Parmer. For antifoam and precipitated salt

removal, a Mont-Inox sieve No. 40 {(0.42 mm), was used.

Poiyacrylamide gel electrophoresis (PAGE)

Slab gel electrophoresis in the presence of SDS was performed
as described by Laemmli (8) for detection of hybrid proteins.
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Slab gel electrophoresis without SDS was performed in 19% w/v
acrylamide, 1% w/v bis-acrylamide gels for insulin A chain

analysis (8).

Hybrid protein and A chain level measurements

The amount of c¢I-A preotein and insulin A chain were
determined by scanning polyacrylamide gels with the appropriate
samples, using a soft laser scanner densitometer from Biomed
Instruments, Inc. model SCR-2D/1D.

Protein determination

The method used was the one reported by Lowry (10).

Growth of recombinant Escherichia coli
The Escherichia coli W311l0 strain transformed with the

recombinant plasmid piNS-A ({unpublished results) was used for the
production of the c¢I-human insulin A chain hybrid protein. The
production strain was grown under batch culture conditions using
complex medium with the following parameters: temperature 37 T,
pH=7.4, and dissolved oxygen concentration maintained higher than
20%. A cellular concentration ¢f 9 g/l dry weight was obtained,
and the hybrid protein reached 9-12% of the total celliular

protein.

RESULTS AND DISCUSSION

After fermentation of the E. coli W3110 (pINSA) strain, the
cI-A hybrid protein represented between 9-12% of the total
celiular protein, as determined by densitometric scanning of
SDS-PAGE of total cellular proteins. 18 1 of culture containing 9
g/l of E. coli cells dry weight, were sieved to remove the
antifoaming agent and precipitated salts and subjected to
cross-~flow ﬁltrafiltration in order to replace the culture media
with water and to concentrate the cells by reducing the volume to

4 liters. Cellular fupture was performed using a Manton Gaulin

high pressure homogenizer. Three passes, at 10 °C and 500-600
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Kg/cm?’, were necessary for complete disruption. The recovery and
partial purification of the cI-A protein inclusion bodies, was
accomplished by 4 cycles of washing the pellet with lysis buffer
and centrifugation.

The inclusion bodies were subjected to a cyanogen bromide
{cyanogenolysis) reaction (11) to release the A chain from the cI
carrier protein. The clI sequence was cleaved to several fragments
of different sizes; more protein fragments were 2also generated
from the CNBr action on contaminant proteins. The peptide mixture
was further subjected to coxidative sulfitolysis, to protect the
sulfhydryl groups of the cysteine residues, transforming them
into stable S-sulfonate derivatives A-(5507,), (i2). Finally, the
reaction mixture was dialyzed against water, 1in bags with a
cutoff wvalue of 1000 Da, to eliminate guanidinium hydrochloride
and other salts used in the sulfitolysis reaction. As the ionic
strength of the solution decreases, many proteins precipitate;
since the insulin A chain is very soluble at ph>5, approximately
90% of it remains in the supernatant at the end of the dialysis.
After several fermentations, the amount of 2 chain obtained
varied between 2 to 5%, depending on the efficiency of the
induction. Figure 1 shows the protein patterns obtained after
these purification steps.

It has been found that the isoelectric peoint of the A chain
as A-{Ss0,),, is 1lower than 2 (8), and it is also known that the
solubility of the tetra S-sulfonate insulin A chain decreases
drastically below pH=4 (13). As expected, this peptide is
strongly adsorbed to an anion exchanger at neutral or slightly
basic pH, when the maximum solubility of the peptide is reached.

A method for the chromatographic isolation of the tetra S-
sulfonate A chain, was developed using a macroporous acrylic
anion exchanger, Macro Prep 50 0. The exchanger was equilibrated
in a small column (1 x 2 cm), in 50 mM Tris/HCl pH=8 with an
ionic conductivity of 1.0 millimhos, and a linear flow rate of 38
cm/hr.

A S mi aliquot of peptide sample with a protein concentration
of 5.0 mg/ml adjusted to pH=8 with a few drops of NaOH 1 M (final
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Figure 1l.- Denaturing SDS polyacrylamide gel electrophoresis of
several protein samples. Lane 1: total proteins from E. coli
w311g (pINSA); Lane 2: protein pattern obtained after
purification of inclusion bodies. The arrow in lanes 1 and 2
indicate the position where the hybrid protein migrates; Lane 3:
non-denaturing PAGE of peptide mixture obtained after CNBr
treatment and sulfitolysis; Lane 4: porcine insulin A chain, used
as a standard. The arrow in lanes 3 and 4 indicate the position
where the insulin A chain migrates.

conductivity of 2.3 miilimhos), was loaded to the column and then
washed with six column volumes of aquilibratibn buffer until the
baseline was reached. The adsorbed peptides were eluted with ten
column volumes of a 0-1 M NaCl linear gradient, followed by five
column volumes of 1 M NaCl. -

Fractions (3 ml) were collected, and their conductivities
determined. Fractions containing NaCl were desalted using Biogel
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P2 for PAGE analysis. It was found, see figure 2, that the
insulin A chain 1s the last peptide to elute, at a conductivity
of 32-36 millimhos.

From these results, It was evident that it is possible to
increase the ionic strength of the buffer, without causing the
elution of the A chain. Therefore, a second run was performed
using buffer with 0.5 M NaCl, which has a conductivity of 26.5
millimhos, tc equilibrate the column. The conductivity of the
sample was adjusted by the addition of NaCl. A 5 ml sample was
applied with a linear flow rate of 38 cm/hr, followed by eight
column volumes of equilibration buffer and a 0.5 - 1.0 M NacCl
linear gradient was applied to elute proteins. AS can be seen in
figure 3, the amount of adsorbed protein was reduced
considerably, and the predominant component adsorbed in these
conditions was insulin A chain. After elution, an electrophoretic
analysis revealed a purity of at least 95% for this peptide. The
remaining 5% represented mainly the desamido form of the A chain
(14) .

Since the insulin A chain is the unique component adsorbed to
the anion exchange resin in conditions of 26.5 millimhos (0.5 M
NaCl), it was concluded that instead of a gradient, a single
elution step could be applied, to elute the A chain as a pure
peptide.

Therefore, a 5 ml sample was locaded to the column under the
previously described ccnditions, and elution was done with five
column volumes of buffer containing 1 M NaCl (48 millimhos). The
electrophoretic analysis of the fractions from this
chromatography, shown in figure 4, clearly demonstrated a high
degree of purity for the resolved insulin A chain.

To determine the maximum load capacity for the exchanger,
1000 ml of the peptide sample, were applied to a column (2.5 x 15
cm}, containing 75 ml of packing, using a linear flow rate of 51
cm/h. Collected fractions were analyzed by PAGE, to determine
when the insulin A chain was no longer retained. As seen in
figure S; under this high ionic strength conditions (26.5
millimhos)}, the bed can be loaded with 920 ml of sample, without
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Figure 2.~ I.- Chromatographic purification of 5 ml of a cyanocgen
bromide treated peptide sample in a cclumn packed with 2 ml of
preparative packing Macro-Prep 50 Q using a linear flow rate of
38 cm/h. Gradient: §0-1 M NaCl in a total of ten column volumes.
The arrow indicates the peak where the insulin A chain elutes.
1I.- PAGE using 19% acrylamide crosslinked with 1% bis~
acrylamide. Lanes 1-6 fractions collected before the A chain
elution; lane 7 porcine insulin A chain as standard; lanes 8-10
represent. the last fractions from the last peak.
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Figure 3.~ I.~ Chromatographic purification of 5 ml of a cyanogen
bromide treated peptide sample in a column packed with 2 ml of
preparative packing Macro-Prep 50 @ using a linear flow rate of
38 cm/h, equilibrated with a buffer composed of 50 mM Tris/HC1
pH=8 + 0.5 M of NaCl. The arrow indicates the peak were the A

" chain elutes. Gradient: 0.5-1 M NaCl in a total of ten column

volumes. II.- Non-denaturing PAGE. Lanes 1-3, fractions of non
adsorbed proteins; lanes 4-6, fractions eluted with equilibration
buffer; lane 7, porcine insulin A chain as a standard; lanes 8
and 9, fractions of the peak eluted between 30 and 40 ml; lane
10, initial sample.
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Figure 4.- I.- Chromatographic purification of 5 ml of a cyanogen
bromide treated peptide sample in a column packed with 2 ml of
preparative packing Macro-Prep 50 Q using a linear flow rate of
36 cm/h, equilibrated with a buffer composed of 50 mM Tris/HCL
pH=8 + 0.5 M of NaCl. Elution was performed in a single step with
equilibration buffer + 1 M of NaCl. The arrow indicates the
fraction where the insulin A chain elutes. II.- Non-denaturing
PAGE. Lane 1, initial sample, lanes 2-4, fractions of non-
adsorbed protein; lanes 5-7, fractions of proteins eluted with
equilibration buffer; lane 8, sample of the principal peak
eluted; lane 9, fraction after elution of the principal peak;
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Figure S5.— I.- Chromatographic purification of 1000 ml of the
cyanogen bromide treated peptide mixture (5 mg/ml) in a 2.5 X 20
cm column, packed with 75 ml of Macro-Prep 50 Q preparative
packing, using a linear flow rate of 51 cm/h. Elution was carried
out in the same conditions as indicated in figure 4. The arrow
indicates the fraction were the insulin A chain elutes. II.- Non-
denaturing PAGE. Lane 1, initial sample; lane 2, porcine insulin
A chain used as a standard; lanes 3-5, fractions of non-adsorbed
proteins; lane 6-7, proteins eluted with equilibration buffer,
lanes 8-10; fractions of the principal peak.
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eluting the A chain. Since the A chain represents 3.5% of the
total protein in the sample, wunder the conditions established,

the support had a capacity for A chain of 2.14 mg/ml of packed

bed. This relatively low capacity is probably due to thz extreme .

conditions used for the selective adsorption of the A chain,
which resulted in a high degree of purification as well as a very
simple process. These are important characteristics to be
considered for automatization and scaling-up. However, utilizing
a linear flow rate of 100 cm/h for a 20 cm long column, a cycle
of 4.5 h is needed for loading (twelve column volumes}, washing
(five column volumes), eluting (three column volumes) and re-
equilibration (five column volumes at 200 cm/h); under these
condition a throughput of 0.5 g of purified insulin A chain per

liter of packed bed, per hour, can be obtained.

CONCLUSIONS

The human insulin A chain displays singular physicochemical
properties, which were used to develop a purification process,
which offers high selectivity in a2 single chromatographic step.

An inherent advantage to the purificaticn process developed
was that the adsorption of ceontaminant peptides was avoided at
the high ionic strength where the insulin A chain was
quantitatively adsorbed with an acceptable capacity. The capacity
of the support for the A chain was increased by minimizing the
adsorption of contaminants.

The insulin A chain was recuperated quantitatively applying a
single elution step, instead of a gradient elution, which reduced
dilution. Moreover, the system operation 1s convenient for
automatization and scaling-up. Further optimization of the'flow
rate at pilot-scale operation is needed to ﬁaximize throughput.

The purity of the human insulin A chain (95%) obtained by
this method has been found adequate for chemical association
with recombinant human B chain to yield human insulin with the
expected efficiency (data not shown) (6,7). '
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